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APPENDIX C 
INTRODUCTION 
This appendix contains studies o f  three d i f f e r e n t  approaches fo r  
the product ion o f  a1 te rnate  products from the TVA coal qas i f i ca t i on  
!:aci 1 i t y .  The appendix i s div ided i n t o  three par ts .  The product ion of 
methane, methanol , gas01 i ne, and hydrogen are  d i  scussed i n  three sect ions 
as fo l lows:  
1. Appendix C - 1  
This contains the study o f  the product ion o f  methane, methanol, 
gasoline, and hydrogen by an add-on f a c i l i t y  t o  a Koppers-Totzek based 
FlBG plant .  Appl icat ions t o  a Texaco f a c i l i t y  are in fer red by evaluat ion 
o f  d e l t a  e f f e c t s  from the K-T case. 
2. Appendix C-2 
This contains studies o f  the product ion o f  methane from an 
add-on f a c i l i t y  t o  a Lurgi  based MBG p lant  and o f  the co-production of 
methane and methanol from a Lurgi based system. 
3. Appendix C-3 
This contains studies o f  the product ion of methane from up t o  
50 percent o f  the MBG produced i n  an integrated K-T based p lan t  and the 
product ion o f  methane from up t o  50 percent o f  the MBG produced from an 
in tegra ted p l a n t  i n  which module 1 i s  based on K-T technology and modules 
2, 3, and 4 a re  based on Texaco technology. 
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SUMMARY 
The purpose of this study was twofold; to provide system level engineering 
design and evalua~ion of a Kct 'ers-Totzek and Texaco baaed gasification facility 
producing methane, methanol, gasoline, and hydrogen as an alternate to medium 
Btu gas (MBC), and secondly, to dtstermine the facility capital costs asoociated 
with each alternate product to provide relative klternate product coete. A summary 
of alternate product costs are prov!ded fn Table 1 for Koppers-Totzek and Table 2 
for Texaco gasification facilities. 
Two options were considered for the integration of the add-on alternate- 
product module(s) with the gasification facility. First, the add-on of the 
module(s) would be done with minimal integration of the inplant utility and 
process systems and is the basis of this report. A second, lower level study 
effort coneidered a maximum integration of the total facility utility systems 
and is discussed in another report. 
Of the gasification processes considered for the production of MBG from 
coal, the Koppers-Totzek (K-T) process was dealt with in greatest detail. The 
various aspects of the Texaco process were evaluated in terms of increments 
of change from those of the K-T process. 
System level costs, based on cost-versus-capacity factoring, are presented 
on a modular basis. Facility costs were then determined based upon the study 
design results and single module costs. 
Capital costs are provided in 1980 dollars for each system, both onsite 
and offsite, as well as project contingency, owr~er's engineering and G&A, and 
the contractors fee. Operating costs were calculated based on the K-T MBG 
facility where possible, and on reference literature otherwise. 
Detailed technical results are presented for the design of the four add- 
on modules required for the manufacture of the four alternate products (methane, 
methanol, gasoline and hydrogen) of interest to TVA. For each process, these 
results are presented in four major segments; 
Block Flow Diagram 
Process Description 
Material Balance 
Conversion Efficiency. 
TABLE 1 
ALTERNATE PRODUCTS COST SUMMARY 
ADD-ON TO KOPPERS-TOTZEK FACILITY 
M I  h LIONS OF 1980 N U A R S  
METHANE METHANOL GASOLINE HYDROGEN 
TOTAL SYSTEM CAP ITAL INVESTMENT l520.1 1508.6 1747.1 1865.3 
TOTAL FAC I L I TY I NVESTMENT 1853.1 1839.0 2129 a 7 2273.8 
C) 
I 
A 
I 
Iu TOTAL DEPREC I ABLE I NVESTMENT 2344.4 2334.3 2690.2 2858.4 
TOTAL CAPITAL REQU I REMENTS 2410.5 2399.8 2759.5 2925.5 
ANNUAL OPERAT I NG COSTS 345.10 373.2 379.9 350.3 
FACILITY ANNUAL PRODUCTION, 1012 BTU 76 a 11 79.18 61.40 74 a 97 
PRODUCT COST, 1980 $/MILLION BTU 8.03 8.08 11.21 8.94 
. - -  
TABLE 2 
ALTERNATE PRODUCT DELTA COST SUMMARY 
TEXACO VERSUS K-T BASED FACILITY 
METHANE METHANOL GASOLINE HYDROGEN 
TOTAL CAP I TAL REQU I REIIEN T ,  lo6 DOLLAb  2827.27 2816.10 3130.31 3547.47 
DELTA K-T BASE, % + 14.7 + 14.8 + 11a8 + 17.5 
TOTAL OPERAT I NG EXPENSE, lo6 DOLLARS 335.08 364.77 374.24 340.73 
DELTA K-T BASE, % - 3.0 - 2.3 - 1.5 - 2.8 
FACILITY ANNUAL PRODUCTION , 1012 BTU 83.84 88.65 79.46 94.97 
DELTA K-T BASE, % + 9.2 + 10.7 + 22,7 +21.1 
PRODUCT COST, 1980 $/MILLION BTU 7,63 7.54 9.04 7.61 
DELTA K-T BASE, % - 5,O - 6.7 - 19.4 -14.9 
The major tradeoffs consislered during this effort include the areas of 
system selection and system configuration. The systems selected for use in 
various combinations for the production of the four alternate products include: 
Shift Conversion 
Acid Gas Removal (AGR) 
Methanation 
Methanol Synthesis 
Gasoline Synthesis 
Hydrogen Purification 
In the area of system configuration, the most significa~t tradeoffs were found 
in the relative position of the compression and gas conditioning systems. 
It was found that less than a 5% product cost variation exists among the 
various tradeoffs studied. Further cost reduction opportunities exist if 
the ground rules are changed to allow the use of larger scale systems or modules. 
Ic addition, at least one clearly viable choice for each alternate product case 
was found, with the rossible exception of gasoline. 
The key conclusions obtained from this study can be summarized as follows: 
Methanol, hydrogen, and methane plants that will work can 
be engineered today. 
Based on many detailed engineering studies, the cost 
estimates obtained are within normal conceptual design 
uncertainty limits. 
ihe add-on system product costs provide an acceptable 
basis for evaluating market competitiveness of the alternate 
products. 
Introduction 
The purpose o f  this study was twofold; to provide system level engineering 
design and evaluation of a Koppers-Totzek and Texaco based gasification facility 
producing methane, methanol, gasoline, and hydrogen as an alternate to medium 
Btu gas (MBG), and secondly, to determine the cost associated with each alternate 
product to provide relative alternate product costs. 
hn add-on, modular approach was used as the design basis for design and 
costing of each alternate product. Each alternate product was based on the 
output of net MBG, derived from 5,000 Ton/day coal feed to one module of 
the base facility, as :efined by TASK 5.2.1. The facility level costs and 
capacities were then determined based on a four module facility. 
Two options were considered for the integration of the add-on alternate- 
product module(s) with the gasification facility. First, the add-on of the 
modul$(s) would be done with minimal integration of the inplant utility and 
process systems and is the basis of this report. A second, lover level study 
effort considered a maximum integration of the total facility utility systems 
and is discussed in another report. 
Of the gasification processes considered for the production of MBG from 
coa.1, the Koppers-Totzek (K-T) process was dealt with in greatest detail. 
The various aspects of the Texaco process were evaluated in terms of increments 
of change from those of the K-T process. In addition, a qualitative assessment 
was made of a number of other gasifiers. 
In all cases where Task 5.2.1 results were utilized, those results were 
modified to inclu6e the replacement of the MBG-fired boiler with purchased 
electrical power. Iiiis action utilized the results of system level trades 
and provides a similar basis for comphrison with the base cases provided in 
Task 5.2.1. 
System level costs, based on cost-versus-capacity factoring, are pre- 
sented on a modular basis. Facility costs were determined based upon the study 
design results and single module costs. 
There are eight basic process operations that, used in various combinations, 
are capable of producing any of the alternate products. These include: 
High Temperature Shift Conversion 
Low Temperature Shift Conversion 
Acid Sas Removal 
Met hana t ion 
Gas Drying 
Methanol Synthesis 
Gasoline Syntl~esis 
Hydrogen Purification (PSA Adsorptl~i:, 
Table 3 summarizes the state of development of each of these process 
operations as it might be applied to each of the ~lternate products. 
The approach to the process design tradeoff study consists of four 
steps. The first step is to enumerate all of the options that can be 
considered for the design. The next step is to limit the choices by 
selecting reasonable options according to explicitly defined criteria. 
Third, the selected options are further defined through a design process. 
Finally, the selected options are compared according to explicitly defined 
criteria and a final choice is made. 
To more fully understand this tradeoff study and its level of 
completeness, it is of interest to know how the available options are 
identified. The approach taken for each alternate product has five parrs. 
The first is definition of the required process operations (e.g., shift 
conversion, methanation, etc.). The second is to optimize the operational 
sequence. Third, the unit operations (e.g., feed preheat, steam injection, 
catalytic reaction, etc.) for each process operation is identified. Next, 
the sequence of these unit operations must be defined. Finally, vendor 
restrictions on and availability of special materials (such as catalysts) 
must be considered. 
KOPPERS-TOTZEK BASED GASIFICATION PLANT 
General 
Details of the design apprcsch for the four add-on alternate product modules 
to the K-T gasifier facility are presented in this section. Each of the 
alternate-product module designs was considered independently. However, 
TABLE 3 
SYSTEM TECHNOLOGY ASSESSMENT 
ADD-ON FACILiTIES 
I 
I 
I 
1 I SYSTECI I DENT I F I CAT I OFI 
b 
I 911 Sl  l I F T  COillVERS I ON 
1 1 I GH-TEMPERATURE 
i LOW-TEHPERATURE 
d 
1 
C, 
91  ilETHAi'4 A T  I OiJ 
! d I 
I 
v 92 GAS DRYI i iG 
95 METHAilOL SYilTHES I S 
; 
94 GASOL I YE SY;JT;iES I S 
i 
95 HYDROGEi PURI  F I CAT IOi4 
PSA ADSORPT I Oi l  
! 
KEY: CP = COMMERCIALLY PROVEH, CA = COFTIERCIALLY A V A I L U L E ,  SD = READY FOR 
I DEl'IOHSTRAT I Oi l  
the results presented here do not include unnecessary redundancies. 
For example, desi~n tradeoffs for the Shift Conversion unit and Acid 
Gas Removal unit that must be considered for more than one alternate 
product will be presented for the first case only. 
Methane 
The objective of this design is to define the procese and costs 
related to the production of pipeline-quality (high BTU) gas. The input 
to the process is MBG consisting primarily of H2, CO, C02, H20, H2S and 
COS. The output is fully interchangeable high BTU gas (HBG) or methane 
(CH4) Methane is produced from MBC by the methanation of CO and C02 
according to the relations: 
The theoretically required H2 to CO ratio for the methanation process is 3 .0 .  
There are four general design constraints that must be considered in 
the design of this methane production facility. The first constraint is 
that the methanation reaction does not go to completion. This effect is 
minimized if excess H is supplied to the methanation reaction. This implies 2 
that the Hz to CO ratio leaving the shift system must be greater than the 
3.0 value previously identified as the theoretically optimum. Hydrogen is 
produced and the H2/C0 ratio adjusted to 3.2 for this process by means 
of a shift reaction given by 
CO + H 2 0 2 c o 2  + H,. 
The second constraint involves gas mixture quality and its inter- 
changeability with pipeline gas. The first factor is that CO content must 
be less than 0.1 percent by volume. This is achieved due to 99 .9  percent 
of the CO being converted to methane in the methanator. The second factor is 
the water content of the product gas which must be 'less than seven pounds of 
water per million standard cubic feet (SCF) of gas. This is accomplished by 
use of a triethylene glycol gas drying unit. The final factor is that the 
higher heating value of the product gas must be greater than 9 0 0  BTUISCF. 
This is accomplished by a reduction in the amount of C02 in the methanation 
feed stream. 
The next constraint is that the methanation catalyst is deactivated 
by sulfur compounds in the feed gas. Therefore, the amount of H2S and 
COS in the methanation feed gas must be less than 0.02 parts per million 
by volume (ppmv). Use of a deep sulfur removal process provides for this. 
COS hydrolysis is a possibility to consider in removing COS by conversion 
to H2S. However, COS hydrolysis catalysts are not commerically proven. 
The final constraint is that the product gas must be delivered at 
a pipeline pressure of 1,000 psig. Use of a gas compressor will satisfy 
this requirement. 
There were three process-step sequences considered for methane. 
The first approach was to shift the CO to C02, remove the acid gas, 
and then perform methanation. The advantage here is that proven 
technology can be used: The disadvantage is that water is condensed 
from the process stream twice, requiring extra steam. 
The second was to combine tire shift process with methanation. 
This results in a process sequence of acid gas removal, combined shift 
and methanation, and a final C02 removal. The advantage of this approach 
is that the steam injected ahead of the shift stays in the gas. However, 
an extra CO removal step is required. In addition, this combined step 2 
process is not yet commercially demonstrated. 
The third approach cons'lered was to modify the first approach 
such that acid gas removal precedes shift followed by methanation and a 
final CO removal. The advantage is the same as for the combined shift/ 2 
methanation scheme discussed above, with the added benefit of being able to 
rise proven equipment. However, there is still an extra C02 removal step 
required. 
In evaluating these approaches with respect to each other, a previous 
team study* was found ta be pertinent. This study showed that 
shift and methanation recovers more high temperature energy than the 
combined shift/methanation. Also, the extra cost of CO removal makes 2 
the third approach of acid gas removal before shift not cost effective. 
It was, therefore, decided to use the first scheme, as shown in Figure 1. 

Once the proccss steps and their sequence are fixed, it is necessary 
to more fully define how each process step will be performed. This is 
done by looking at the various parts of eacr, process step where design 
choices are available. For the shift conversion process, the design 
choice is that of the catalyst. Three alternates are available. These 
are compared to each other by means of a specific set of criteria fn 
Table 4. 
An evaluation of this comparison reveals that the iron-chrome catalyst 
has a lower cost than the cobalt-moly catalyst, while the partial deactivat1o.n 
of iron-chrome offsets its lower cost per pound. Also, the cobalt-moly 
catalyst offers a possibility of COS hydrolysis, which can lower acid gas 
removal costs. Finally, a design* done by team members using cobalt-moly 
is available for this study. It has therefore been decided to use the 
cobalt-moly catalyst for shift conversion. 
There are five acid gas removal systems available. These include 
Selexol, Rectisol, Benfield, Sulfinol and Stretford. They are compared 
according to the various criteria in Table 5. A previous team study** shows 
that the overall attractiveness of the removal processes varies with the 
partial pressure of the acid gas in the feed stream. In addition, at 
pressures near those of this study (600 psig), the Benfield, Selexol, and 
Rectisol processes are preferred. For sulfur removal from a high-sulfur 
coal gas, selective acid gas removal is preferred. Finally, the Benfield 
and Selexol processes are limited in their ability to get to less than 
one ppmv total sulfur with streams containing COS. 
Based upon this information, if 200 ppmv sulfur in the treated gas 
is acceptable, Selexol should be used since Benfield has formate problems. 
For less than 1 ppmv sulfur, the Rectisol process is required. However, 
if a proven COS hydrolysis catalyst can be found, then the Selexol process 
looks slightly more attractive. While the Sulfinol has looked attractive 
TABLE 4 
SHIFT CONVERSION TRADES 
i ALTERNATIVE Mom . 
i DESCRIPT IO# i I CRITERION 
k 
L MEETS PERFORMANCE CRITERIA h j 
i CAPITAL COST MINIMIZATION I 
i i-l 
T * I 4 
51 
COMMERC 1 ALLY PROVEN 
1 
4 
r3  COMPLEX I TY 
APPLIED DEVELOPMENT NEEDS 
COUUI DELAY I MPLEMENTAT I ON 
DESIGN DATA A V A I W L E  
OPERATING COST 
ENV I RONMENTAL PROBLEMS 
BYPRODUCT MARKETAB I LITY 
\ 
1 
I RON- CHROME 
l YST (H - T) 
PARTLY DEACT I - 
VATU) BY SULFUR 
LESS COSTLY/LB 
YES 
SAME 
NO 
LITTLE 
SAME 
NO 
NO 
2 
COBALT-MOLY 
HIGHER SPACE 
VELOC ITY 
YES 
SAME 
TEST COS 
HYDROLYSIS 
NO 
MOST 
SAME 
NO 
NO 
3 
COPPER 
T (I - T l  
NO; CANNOT TOLERATE 
SULFUR 
REQU I RES SULFUR 
REPIOVAL AHEAD 
YES 
SAME 
NO 
LITTLE 
NOT KHOWN 
NO 
NO 
TABLE 5 
ACID GAS REMOVAL TRADES 
ALTERNAT IVE NO I 
CRITERION S-. fi lmsL liErEuL su.EM- suEmL 
MEETS PERFORllANCE CRITERIA ' R COS' Y < P OS A T MA! h H I E V E  CANNOT RE f6 #mvhos IB~LEM i c ~ ~ ! v ~  <I P MOVE cos i~ 
TO <lPPMV <1 MV c32 
CAPITAL COST MINIMIZATION ABOUT= VERY COSTLY MT WlE 
 ATE CO!S tl!FR!b!i IiIGH COST RECT SOL 
COMMERC I ALLY PRI;':EN PARTLY YES PARTLY PARTLY !€s&RE 
COMPLEX1 TY MODERATE lH I GHEST MODERATE MDERATE HIGH C S R  mlAL 
APPLIED DEVELOPMENT NEECS COS HYDRO- LY I S  
COULD DELAY I MPLEMENTAT I ON POSSIBLY 140 YES YES YES 
DES I GN DATA AVAI LABLE YES YES YES NO YES 
OPERATING COST MODERATE HIGH MODERATE HODERATE HbGH L U H  C S R VAL 
ENV I RONMENTAL PROBLEMS NO NO NO NO 
BYPRODUCT MARKETABILITY - - - - ~Y!fi6~ SULFUR 
in past studies, little detailed design information is available at this 
time. Since deep sulfur removal is required, the decision is to use the 
Rectisol process. Acid gases were routed to the base plant for processing 
since the relatively small quantity docs not justify a separate sulfur plant. 
There are three methanetion systems available, including fixed-bed, 
hot recycle; fixed-bed, cold recycle; and liquid phase. These systems 
are compared in Table 6. Of the three systems only liquid-phase 
methanation has not been commercially Froven. The hot recycla, fixed-bed 
scheme uses commercially available catalysts and equipment (except possibly 
the hot recycle compreasor), and recovers more high level energy than the 
other schemes. A design* done on this methanator by team members is 
available for use. For these reasons, and since the capital cost differences 
between hot and cold recycle methanators is not significant, the hot recycle 
methanator was selected. 
Compression and drying is required to meet final pipeline specifications. 
Drying is a low cost item and needs to be the 1 a . i ~  process in the overall 
system. However, the position of the compressor(s) in the system must be 
determined and several locations are possible. Compression prior to acid 
gas removal lowers the AGR cost, but requires the compression of the sulfur 
gases and the C02 .  Compression between the AGR and methanation lowers 
methanation costs and there is less gas to compress after C02 and sulfur gal 
removal. However, it is still necessary tc compress H and CO rather than 2 
the CH4. Compression a£ ter methanation requires that only one-half the volume 
of gas be com;uessed. Based on these factors, it was decided to compress to 
pipeline pressure of 1000 psig after methanation. Since the synthesis gas 1s 
available at 600 psig. 
Methanol 
The design objective for methanol production is to produce a fuel- 
grade methanol with a purity of more than 952 (wt.) from MBG consisting 
primarily of H2, CO, C02 ,  H20, H2S and COS. Extra high purity (greater than 

99% wt.) is not required. Methanol is produced from MBC according to 
the react ion : 
The theoretically required H /CO ratio for this reaction is 2 . 0 .  2  
There are three general design constraints that were considered in 
conjunction with this methanol production facility, The first is that 
the methanol production syr'thesis reaction does not go to completion. 
This effect is minimized if excess H2 is supplied to the synthesis process. 
This is accomplished by increasing the H 2 / C 0  ratio above the previoc ly 
indentified value of 2 . 0  to approximately 2 . 5 0 .  The hydrogen necessary to 
achieve this ratio AS obtained by means of a shift reaction, as it was in 
the case of methane production. In addition, unreacted gas and inerts in 
the recycle gas stream lower the conversion efficiency af the reaction. 
This effect can be minimized by removing C02 from the process stream in 
the AGR system. 
A second general constraint is that the methanol synthesis catalyst 
cannot tolerate sulfur. This requires that total sulfur compounds (H2S and 
COS) have a concentration of less than one-h~lf ppmv. This requirement 
can be met by designing the AGR system for deep sulfur removal. 
The final constraint is that highrir pressures, on the range of 50 
atmospheres, favor reaction equilibrium. This means that compression of the 
process stream is required. 
There are two process step alternatives for a methonol synthesis system. 
The first is AGR followed by shift, C02 removal and methanol synthesis. 
The second is a shiFt followed by AGR and nen methanol synthesis. An 
evaluation of these alternatives in a previous team study indicated that 
the additional cost for another C02 removal step in option 1 made option 2 
more attractive. Therefore, the sscond alternative was chosen as shown in 
There were three methanol synthesis processes considered. These include 
low pressure synthesis (50-70 atmospheres), high pressure synthesis (more 
than 300 atmospheres), and 1iqui.d phase methanol synthesis. These are 
compared with respect to the evaluation criteria in Table 7. An evaluation 
of these systems indicates that although the per-pass conversion is higher 

TABLE 7 
METHANOL SYNTHESIS TRADES 
5 
c ALTERNATIVE NO, 
i 
9 
5 
h 
CRITERION 
$ 
E MEETS PERFORr'IANCE C R I T E R I A  
# 
5 C A P I T A L  COST M I N I M I Z A T I O N  
# 
R 
T 
V 0 
COIIFERC I ALLY PROVEN 
3 I A COMPLEX I TY 5 4 I 
m APPLIED DEVELOPMENT NEEDS 
COUU) D E I A Y  IMPLEMENTATION 
DES I Gid DATA AVA I LABLE 
OPERAT I NG COST 
b ENV I RONb1E;iTAL PROBLEMS 
BY PRODUCT MARKETAB I L I TY 
COMPARISOIi AMONG CASES 
1 
LOW-PRESSURE 
LURGI 
YES 
NO 
YES 
- 
NONE 
NO 
YES 
LOWER 
- 
- 
BEST 
2 
LOW-PRESSURE 
ICI 
YES 
NO 
YES 
- 
NOtjE 
NO 
NO 
LOWER 
- 
- 
- 
3 
HIGH-PRESSURE 
ICI 
YES 
NO 
YES 
- 
NONE 
NO 
NO 
HIGHEST 
- 
- 
- 
i n  h igh  p r e s s u r e  s y n t h e s i s ,  t h e  syngas compression and r e c y c l e  energy is 
o v e r  twice  t h a t  of t h e  low p r e s s u r e  p rocesses .  Furthermore t h e  h igh 
p r e s s u r e  p r o c e s s  is cons ide red  o b s o l e t e  and t h e  l iqu id -phase  p rocess  is  
n o t  y e t  commercial ly demonst ra ted .  The Lurgi  and ICI low p r e s s u r e  s y n t h e s i s  
p r o c e s s e s  a r e  s i m i l a r ,  and d e s i g n  i n f o r m a t i o n  on t h e  Lurgi  p r o c e s s  is 
n v o i l a b l e  t o  team members. The d e c i s i o n  was made t o  use  t h e  Lurg i  methanol 
s y n t h e s i s  p r o c e s s  f o r  e v a l u a t i n g  t h e  add-on c o s t s  of  methanol.  
Gaso l ine  
-- 
The o b j e c t i v e  of t h i s  d e s i g n  is t o  produce a  motor q u a l i t y  g a s o l i n e  
w h i l e  c r e a t i n g  a  minimum of byproducts  t h a t  have maximum m a r k e t a b i l i t y .  
There a r e  two a l t e r n a t e  p rocess - s t ep  sequences  a v a i l a b l e .  The Mobil M 
p r o c e s s  uses  methanol and dehydra tes  i t  accord ing  t o  t h e  r e l a t i o n s h i p :  
The second a l t e r n a t e ,  Fischer-Tropsch s y n t h e s i s ,  is d i r e c t  s y n t h e s i s  
a c c o r d i n g  t o  : 
xCO + xH, --4 (CH,) x Y i 7 H30 + - CO,. 
- 
x / 3  - 3 . 
Fischer-Tropsch s y n t h e s i s  r e q u i r e s  upgrading of  che  r e a c t i o n  p roduc t s  by 
means of one o r  more of t h e  r e f i n e r y . - t y p e  p r o c e s s e s ,  i n c l u d i n g  h y d r o t r e a t i n g ,  
i s o r n e r i z a t i o n ,  reforming and po lymer iza t ion .  
There a r e  two g e n e r a l  c o n s t r a i n t s  a s s o c i a t e d  w i t h  g a s o l i n e  p roduc t ion .  
F i r s t ,  a motor q u a l i t y  g a s o l i n e  must be produced and by p r o d u c t s  n t in in ized.  
A motor o c t a n e  o f  a t  l e a s t  82 and an  ave rage  of t h e  motor and r e s e a r c h  
o c t a n e s  of a t  l e a s t  87 must be  achieved.  S u l f u r  c o n t e n t  must be no more 
t h a n  0 .1  p e r c e n t  by weight .  T h i s  r e q u i r e s  t h a t  bo th  p r o c e s s e s  i n c l u d e  an AGR 
sys tem.  'Fhe secorid c o n s t r a i n t  i s  t h a t  environmenta l  q u a l i t y  must be  
p r e s e r v e d ,  which r e q u i r e s  t h a t  waste  w a t e r s  from bo th  p r o c e s s e s  be s e n t  
through a  t r e a t m e n t  system. 
Both Fischer-Tropsch and :he Mobil-M processes consist of three main 
steps. Each of these steps includes a number of distinct processes. 
These steps and processes are shown in Table 8. 
The two gasoline synthesis processes are compared according to the 
evaluation criteria in Table 9. The Mobil-M process has been selected 
over Fischer-Tropsch for a New Zealand synfuels complex. Based on this 
and a comparative economic study* reviewed by the team, Mobil-M was chosen 
for the gasoline synthesis process, and is shown schematically in Figure 3. 
Hydrogen 
The objective of this design is to prnddce high purity hydrogen ( 99%) 
for fuel-cells or hydrotreating service. 
The required process steps include shift conversion to produce 
hydrogen, and acid gas removal to minimize CO, content. 
.. 
There are two general constraints associated with this hydrogen production 2 
-4 
facility. The first is that the shift conversion process does not go to ; 
a 
completion. To minimize the CO content in the shift effluent, the highest 9 { 
scti~ity catalyst is used. The second constraint is that the AGR is not j I
completelv effective in removing CO,, from the process stream. This requires t 
* j 
the use of 3 deep C02 removal process. 2 I 
There are three aJ-ternate process-step sequences available. The first is 
conventional processing which consists of a high temperature shift, fol- 
lowed by sulfur removal, a low temperature shift, CO, removal and methanation. 2 
A modified conventional process has AGR followed by n low temperature shift, 
CO removal and methar.ation. The third alternative, as shown in Figure 4, 2 
is AGR followed by a high temperature shift and a pressure-swing-adsorption 
(PSA) process. I 
Methanation is used in the first two alternatives to convert the 
remaining process stream impurities of CO and CO to methane. The PSA unit 2 
I 
uses molecular sieves to pass the smaller H2 molecules through while re- B ; f 
taining the larger H,O, CO and CO, molecules. The unit is regenerated by 
- .. 
lowering the pressure and purging. This approach results in high losses, 
15 to 4 O Z ,  of the product H,,. 
.. 
TABLE 8 
PROCESS SEQUENCE 
ALTERNATIVES FOR GASOLINE 
e F ISCHER-TROPSCH 
- GAS PURIFICATION + F-T SYNTHESIS + PRODUCT UPGRADING 
--SHIFT - - REACT I 014 --PRODUCT HYDROTREAT 1NG 
--AGR --FRACT IOIATION --PRODUCT FRACT I ONAT I ON 
--CATALYST PREPARkT ION --C5/C6 ISOMERIZAT ION 
--CATALYT I C  REFORMING 
--CATALYTIC PCLYMERIZATION 
--POLY GASOLINE HYDROGEN AT I ON 
--ALKYLATIOM 
--ALCOHOL RECOVERY 
--GASOLINE BLEND I NG 
e MOBIL M-GASOLINE PROCESS 
- GAS PURIFICATION + METHANOL SYNTHESIS + GASOLINE SYNTHESIS 
--SHIFT --LP OR HP SYNTHESIS --SYNTHESIS 
- (INCL. COMPRESSIOFI) 
--FRACTIONATION 
--ALKYLATION 
--WASTEWATER TREATING 
TABLE 9 
GASOLINE SYNTHESIS TRADES 
ALTERNATIVE NO. 1 2 
F I SCHER- M- 
CRITERION TROPSCH GASOLINE 
MEETS PERFORMANCE C R I T E R I A  
C A P I T A L  COST M I N I M I Z A T I O N  
COMMERCIALLY PROVEN 
COMPLEXITY 
A P P L I  ED DEVELOPMENT NEEDS 
COULD DELAY I MPLEFIENTAT I ON 
DES I GN DATA A V A I  U B L E  
OPERATING COST 
ENV I RONMENTAL PROBLEMS 
BY PRODUCT MARKETAB I L I T Y  
COMPAR I SON AMONG CASES 
YES 
POORER 
YES 
HIGHER 
COHMERC I A L  
U.S. PLANT 
NO 
YES 
HIGHER 
MORE 
POORER 
EQUAL 
YES 
BETTER 
NO (FIXED-BED READY FOR 
COMERC I A L  DENONSTRA- 
T I 0 1 0  
LOWER 
CObV.IERCIAL - SCALE 
DEMONSTRAT ION 
YES 
YES 
LOWER 
LESS 
BETTER 
EQUAL 
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TABLE 10 
HYDROGEN PURIFICATION TRADES 
ALTERWAT IVE 140, 1 2 
CONVEPIT I ONAL MODIFIED 
3 
AGR + SHIFT k CRITERION m + PSA e 
MEETS PERFORMANCE CRITERIA 
CAPITAL COST PIINIMIZATION 
> 
n I 
COMMERC I ALLY PROVEN 
s 4 I 
h) 
COMPLEX I TY 
I ul 
! 
! 
APPLI ED DEVELOPIENT NEEDS 
i I COUUl DELAY I MPLEMENTAT I ON 
I 
i DES I GN DATA AVA I LABLE OPERATING COST 
ENV I RONMENTAL PROBLEMS 
BYPRODUCT MARKETAB I L I  TY 
COMPAR I SON AMONG CASES 
YES YES 
APPROXIMATELY THE SAME 
YES YES 
H I GHEST HIGHER 
- - 
NO NO 
NO Pi0 
LOWER LOWER 
- - 
YES 
YES 
LOWER 
NO 
YES 
HIGHER 
These three sequences are compared in Table 10. An evaluation of 
the systems includes the fact that ttre PSA unit has high H2 losses in 
the purge gas which reduces net plant output. However, the steam required 
for CO shift and AGR requires fuel for generation and the purge gas can be 
used as the required fuel. In addition, design and cost data were not 
available from the study data base at a level consistent with other systems 
under study. The decision was made to go with PSA, recognizing the 
potential adverse impact caused by the H2 losses. 
TEXACO-BASED GASIFICATION PLANT 
The technical approach used for the eval~ation oC the four modules 
for add-on to the Texaco gasifier facility is discussed here. There are 
several points to be made in this discussion. First, the basis of the 
evaluation is the K-T add-on facility costs? Also, as with the K-T case, 
the Texaco base MBG facility design was adjusted to delete the MBG boiiers. 
Third, the costs of the main process systems in the Texaco add-on facility 
were scaled from corresponding systems in the K-T case. Next, offsite 
costs for Texaco were factored from K-T offsite costs based on the ratio 
of main process costs. Finally, operating costs (other t h ~ n  coal and 
electrical power) were assumed to be proportional to system capital invest- 
ment. Coal cost was assumed to be constant and the electrical power cost 
was obtained by factoring by the ratio of net product BTU's. 
EVALUATION RESULTS 
In this section, detailed technical results are prejented for the 
design of the four add-on modules required for the manufacture of the 
four alternate products (methane, methanol, gasoline and hydrogen) of 
interest to TVA. For each process, these results are presented in four 
major segmentj. 
The first segment is a block-flow diagram. This diagram not only 
deiinee the sequence of processing steps, but also identifies the major 
process and utility streams within the add-on facility. In addition, a 
process description is presented for each major process system identi- 
fied in the block diagram that is required to produce the alternate 
product from L U G .  Third, a material balance is provided in the form of 
a table. This shows how flow rate and composition of the major streams 
change throughout the process. lt also provides sufficient informntio? 
to allow proper equipment siainy and cost analysis, as well as calculation 
of process conversion efficiency. 
The final information presented is the expected conversion efficiency 
(in terms of BTU's out versus BTU's in) for the MBC plant alone, and for 
the entire plant (MBG plant plus add-on facility). Efficiency data are 
presented in tabular form. These efficiencies are calculated using coal 
alone and coal plus electric power as the input to the plant. 
lie thane 
The block flow diagram for methane production from MBG is detailed 
in Sketch 290-514-SK-001A. The major process units required for the add-on 
facility include a CO shift, acid gas removal (Rectisol), methanation and 
gas drying. These units are described in detail below. 
The CO shift unit utilizes a high-temperature cobalt-molybdenum 
catalyst to shift stream composi.tion from carbon monoxide to hydrogen 
according to the react ion: 
CO + H 2 0  tj CO, + H 2  
The inlet gas (MBC product from the K-T plant) has a H 2  to CO 
ratio of 0 .646 .  9291 moles of CO and H,,O are reacted to produce a H to 
L 2 
CO ratio of 3 - 2 0 .  The shift reocrl.)n requires an inlet gas temperature 
of  660'~ and a pressure of 650 psig. The water required for the reaction 
is added to the process ssream in the form of 900'~ steem. h steam-to-dry 
gas mass tatlo of 0.65 is required. The process stream is then preheated 
to the required inlet temperature by means of a heat exchange with the 
outlet scream. 
This shift unit consists of twn parallel fixed-bed reactors through 
which most of the process stream passes. In addition, there are two 
fixed-bed COS hydr~lysis reactors through which flow that portion of the 
process stream that by-passes the shift catalyst beds. After passing 
through the CO shift process, the process stream is ready for acid gas 
removal. 
Acid gas removal is accomplished by the Rectisol process licensed 
by Lurgi. H S and COS are removed to less than a one part-per-million 2 
by volume (ppmv) concentration. This is accomplished by gas absorption 
at 600 psig. Sufficient CO, is removed so that it constitutes 1% by 
6 
volume of the effluent gas. 
A selective removal design in the Rectisol unit yields one stream 
of acid gas of at least 50% by volume H,S, and a waste CO, stream suit- 
- - 
able for atmospheric venting. Once the sulfur cotnpounds and sufficient 
GO, have been removed, the process stream is passed through a methanation 
L 
process. The methanator is designed for conversion of 99.9% of the CO 
and 68.82 o f  the CQ,, to CH4. This conversion is accomplished according 
L 
to the chemical reactions: 
CO + 3H2 it! + H 0 2 
and CO,, + AH2 CH4 + ?H,O 
- - 
The m e t h a n a t o r  c o n s i s t s  o f  two p a r a l l e l  sets of c h r r e  f i xed -bed  
c a t a l y t i c  r e a c t o r s  i n  s e r i e s  w i t h  i n t e r m e d i a t e  waste h e a t  bo.l . lers be- 
tween them. Tempera ture  c o n t r o l  o f  t h e  r e a c t i o n  i s  accompl i shed  by 
means of  h o t  g a s  r e c y c l e .  The c a t a l y t i c  r e a c t o r s  a r e  p r o t e c t e d  from s u l f u r  
d e a c t i v a t i o n  by ups t r eam z i n c  o x i d e  guard  beds .  The me thana to r  u n i t  a l s o  i n -  
c l u d e s  compres s ion  equipment  t o  p r e s s u r i z e  t h e  me thana t ed  g a s  from abou t  
460 t o  LOO0 p s i g .  
The me thana t ed  g a s  nex t  f l ows  t o  a  d r y i n g  u n i t .  T h i s  u n i t ,  u s i n g  
t r i e t h y l e n e g l y c o l  a s  a  d r y i n g  a g e n t ,  removes w a t e r  from t h e  methanated  
g a s  sucli t h a t  t h e  p roduc t  g a s  c o n t a i n s  no more t h a n  seven  pounds o f  
w a t e r  p e r  m i l l i o n  s t a n d a r d  c u b i c  f e e t .  
The s p e c i f i c  e f f e c t s  of  t h e  v a r i o u s  pyocess  u n i t s  on p r o c e s s  s t r e a m  
c o a p o s i t i o n  and p r o p e r t i e s  car1 b e  o b t a i n e d  Ernm r h e  m o t e r i a l  balance.  f o r  
methane p r o d u c t i o n  from 4LBG presented i n  T a b l e  11. Based upon t h e s e  
s t r e a m  f low r a t e s  and compos i t i on  and t h e  e l e c t r i c a l  power r e q u i r e d  by 
t h e  p r o c e s s ,  an  o v e r a l l  c o n v e r s i o n  e f f i c i e n c y  f o r  t h e  methane p roduc t  
g a s  is  found t o  be 41.5%. D e t a i l e d  d a t a  a r e  p r e s e n t e d  i n  T a b l e  I ? .  
Met hano 1 
The b l o c k  f l ow diagram f o r  methanol  p r o d u c t i o n  from mC is  d e t a i l e d  
i n  Ske t ch  290-514-SK-001B. The major  p r o c e s s  u n i t s  r e q u i r e d  f o r  t h i s  add-on 
f a c i l i t y  i n c l u d e  a CO s h i f t ,  a c i d  gas  removal ( R e c t i s o l )  and  me thano l  
s y r ~ t h e s i s .  I n  a d d i t i o n ,  t h e r e  i s  a  t ankage  r equ i r emen t  f o r  30 d a y s  
s t o r a g e  u f  t h e  methanol  prodi ic t .  
The CO s h i f t  u n i t  i s  s i m i l a r  t o  t h a t  r e q u i r e d  f o r  m e t h a n a t i o n ,  
e x c e p t  t h a t  a  H, t o  CO r a t i o  o f  2 . 5  i s  r e q u i r e d  f o r  t h e  o u t l e t  p r o c e s s  
L 
s t r e a m .  T h e r e f o r e ,  o n l y  9105 moles of  CO need b e  s h i f t e d .  
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TABLE 12 
CONVERSION EFFICIENCY 
KOPPERS-TOTZEK TO METHANE 
l o 6  BTU/HR EFFICIENCY, 
U P i l T S  OUTPUTS PERCENT 
COAL-TO-MBG FAC I L I  TY 4575 
ELECTRIC PGWER TO NBG FACILITY EL5 
SUBTOTAL 5920,s 
0 
MBG PRODUCT 
I 
-1 
1 
W 
Cn 
COAL TO MBG EFFICIENCY 
OVERALL MBG EFFI CIENCY 
MBG TO ALTERNATE PRODUCTS 3196.2 
ELECTRIC POWER TO ALTERNATE PRODUCTS (98.7) 
ALTERNATE PRODUCT 
COAL-TO-ALTERNATE PRODUCT EFFI CIENCY 
OVERALL FACILITY EFFICIENCY 
The Rectisol process is used for acid gas removal. Its require- 
ments are the same as those for methane production, except that H S and 2 
COS must be removed to less than a one-half ppmv concentration. 
The methanol synthesis unit is based on a low pressure process 
licensed by Lurgi. This unit compresses the inlet process stream to 
1100 psig. The stream then passes through two parallel fixed-bed reac- 
tors where methanol is produced according to the reactions: 
Following the reaction, waste heat is recovered and a portion of the 
outlet stream is compressed and recycled. The final product stream is 
95% metha1101 by weight and is produced at a rate of 3143 short tons per 
day. 
The material balance for methanol production from MBG is presented 
in Table 13. The conversion efficiency for the methanol production 
process is 39.3%. Detailed data are presented in Table 14. 
Gasoline 
The block flow diagram for gasoline production from MBG is presented 
in Sketch 290-514-SK-001C. The major process units required for this add-on 
facility include all those required for methanol synthesis (CO shift, 
acid gas removal and methanol synthesis) plus gasoline synthesis and 
biological treatment. In addition, there is a tankage requirement for 
30 days storage of the gasoline and byproduct liquids. It should be 
noted here that this process yields not ~ n i y  a gasoline product, but 
also liquid petroleum gases (LPG). 
As might be expected, since methanol is an intermediate product of 
gasoline production, the CR shift, acid gas removal and methanol synthesis 
units are identical to those described above for the production of 
methanol. 

TAII1.E l i 
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TABLE 14 
CONVERSION EFFICIENCY 
KOPPERS-TOTZEK TO METHANOL 
COAL-TO-MBG F A C I  L I T Y  
ELECTRIC POWER TO MBG F A C I L I T Y  
0 
SUBTOTAL 
I 
A MBG PRODUCT 
I 
f: COAL TO MBG E F F I C I E N C Y  
OVERALL MBG EFFICIENCY 
MBG TO ALTERNATE PRODUCTS 
ELECTRIC POWER TO ALTERNATE PRODUCTS 
ALTERNATE PRODUCT 
COAL-TO-ALTERNATE PRODUCT EFFICIENCY 
OVERALL F A C I  L I T Y  E F F I C I E N C Y  
EFFICIENCY, 
PERCENT 
The gasoline synthesis unit is based on the Mobil M process which 
consists of two stages of fixed-bed catalytic reactors. In addition, 
the system also contains fractionation and alkylation units. The 
first stage of catalytic reactors has two parallel beds, while the 
second stage consist of six parallel beds, 
Production capacity of the unit is 7350 barrels of gasoline per 
day, plus 1500 barrels of light hydrocarbon by-products (LPG) per day. 
To produce these products, 3143 short tons of methanol feed per day is 
required. 
The biological treatment unit is designed to treat waste water from 
the gasoline synthesis process. Treatment capacity is 322 gallons per 
minute containing 3900 parts per million by weight (ppmw) of organic 
acids and phenols, and 5000 ppmw of acetone and gasoline. 
The material balance for gasoline production from MBG is presented 
in Table 15. The overall conversion efficiency for gasoline produc- 
tion is 30.9%. Detailed data are presented in Table 16. 
Hydrogen 
The block flow diagram for hydrogen production from MBG is presented 
in Sketch 290-514-SK-001D. The process units required for this add-on facility 
include acid gas removal, CO shift and hydrogen purification. 
The Rectisol process is used for acid gas removal. Its requirements 
are the same as those for methanol production. 
The CO shift unit utilizes a high temperature iron-chromium catalyst 
to shift stream composition from carbon monoxide to hydrogen. The inlet 
process stream is mixed with steam to produce n steam-.to-dry gas ratio 
0 
of 2.0. This stream is preheated to 600 F and passed through two 
fixed-bed reactors in series. The inlet gas stream hydrogen-to-carbon 
monoxide ratio is 0.64. 14,460 moles of CO are shifted to produce a 
hydrogen-to-carbon monoxide ratio of 40.14 in the outlet stream. 
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TABLE 16 
CONVERSION EFFICIENCY 
KOPPERS-TOTZEK TO GASOLINE 
lo6 BTU/HS 
lNPUTS OUTPUTS 
EFFICIENCY, 
_PERCENT 
COAL-TO-MBG FAC I L I  TY 
1 
4 
5 
ELECTRr" POWER TO MBG FACILITY 
f SUBTOTAL 
t. o MBG PRODUCT 
-. 
I 
P 
03 
COAL TO MBG EFFICIENCY 
OVERALL MBG EFFICIENCY 
MBG TO ALTERNATE PRODUCTS 
t 
r ELECTRIC POWER TO ALTERNATE PRDDUCTS 
ALTERNATE PRODUCT 
COAL-TO-ALTERNATE PRODUCT EFFICIENCY 
OVERALL FACI L I  TY EFFI C I ENCY 
The hydrogen p u r i f i c a t i o n  p r o c e s s  i s  based on a p r e s s u r e  swing 
a b s o r p t i o n  p rocess  l i c e n s e d  by Union Carbide .  Th i s  t in i t  is igned t o  
recover  99.99% pure  hydrogen from an  i n l e t  s t r eam o f  9950 moles p e r  hour 
of 60.7% hydrogen by volume. The purge g a s  hydrogen l o s s  i s  202 of t h e  
i n l e t  s t r eam hydrogen. 
The m a t e r i a l  ba lance  f o r  hydrogen p roduc t ion  from MBG is  g iven  i n  
Table 17.  The o v e r a l l  convers ion  e f f i c i e n c y  f o r  hydrogen p roduc t ion  
is  40.0%. D e t a i l e d  d a t a  a r e  prasentec! i n  Tab le  18.  
I 
KOPPERS- UNIT OP 22 A UNR OP SO UNR OP 9 5  
ACID GAS CO SHIFl HVOROGEN 
GASIFICATION REMOVAL PURLFICATION (RECTISOLI (PS*I 
HVOROGEN 
PRODUCT 
IT& I N M s C r O  
(NOTE 11 
UNIT OP BB A 
G i z R e &  WATER 
SUPPLY 1REATMENT SUPERHEAT L 
DISTRIBUTION 
BLOWDOWN BLOW DOWN (NOTE 1 I 
(NOTE ) 
UNIT OP 39-A UNIT OP BE-A 
IlOPORT 
BUILDINGS 6 ELECTRICAL 
ELECTRICAL POWER 
OISTRIBaJTION 0.2 MW 
~ L O W D O ~ A N O  DRIFT  PROCESS^ 
(NOTE 1) USER 
NOTES: (11 BLOWDOWN IS ROUTE 0 TO BASE PLANT FOR TREATMENT. WSA ( W I I R A C l  COAL OAUFICAl(OU STSlEYS 
WSL) I174 ENOIWEEIWQ ARALTSO STUDT 
1. -* 
6 1 4 
- .. 
' 
MOD/ 
"#...,.  
MOD, N F  
AL;2SNATE PROOUCT ANALVSIS 
KOPPERS TOTZEK A 0 0  ON CASE 
HVOROGEN PRODUCTION 
MOOULE BLOCK CLOW OIAGRAN 
-.- -I. ...I, ,- -. -,3 
290 614 S I  0010 0 7 16;- 
HATERIAL BALANCE 
ALTEWATE FRODUmS ANALYSIS 
CASE I -D  
7 3 -: 
ul 
I ! "  
f 
8 
( (CWII'OHWT QUAMITI ES REPOITED IN l b  WLESIHRI 
CII 1 6 . 0 6 2  
C, A. 3 0 . 0 6 8  
t l l l b l  f #L cl=' 28 .052  
.-- 
I POI'AtII c7ll'* 4 6 . 0 9 6  
l'Y11l I l t . I E  c3118 6 2 . n 7 8  
lr811 l,lIl AfiE ~ ~ 1 1 ~ ~  5 8 . 1 2  
11 I;I! I !.I k. c II 5 8 . 1 2  
RI'It10.5 c4H10 
---- 
5 6 . 1 0 4  
1 ' 0  1'1 1IIANE C4118- 7 2 . 1 6 6  
11 1'1 :I I Atlk c51l1 7 2 . 1 4 6  
I I:.r1?.15 C~H" 7 0 . 1 3  
1 , A ' ~ ~ l l  IIIL c5+10 
TO 1 /,I. URY 
--- - - - - 
lg HuLES~HR 
V A I I  K 11,o 1 8 . 1 ~ 6  
TAbLE 17  ( 1  ont l n * ~ a d )  
WATERIN BA: W C E  
ALTERHATE PROWlCTS ANALYSIS 
LASE I - D  
ILOPPERS-TWfZU BASE TO IT iDRWM 
TABLE 18 
CONVERSION EFFICIENCY 
KOPPERS-TOTZEK TO HYDROGEN 
BTU/HR EFFICIENCY, 
lNPUTS clulmls -f!MnL 
COAL-TO- I BG FAC I L I  TY 
ELECTRIC POWER TO IBG FACILITY 
SUBTOTAL 
IBG PRODUCT 
COAL TO IBG CTFICIEtlCY 
OVERALL IBG EFF I C I ENCY 
IBG TO ALTERNATE PRODUCTS 3196.2 
ELECTRIC POWER TO ALTERNATE PRODUCTS 24,G 
ALTERNATE PRODUCT 
'COAL-TO-ALTERNATE PRODUCT EFFI C I EP4CY 
OVERALL FAC I L I  TY EFF I C I ENCY 
COST ANALYSIS AND RESULTS 
C o s t s  were de termined  f n r  two s e p a r a t e  a r e a s :  i n i t i a l  c a p i t a l  
and  o p e r a t i n g  c o s t s .  The me thodo log ie s  used  f o r  b o t h  a r e a s ,  a s  w e l l  a s  
t h e  r e s u l t s  o f  t h e  a n a l y s i s  a r e  p r e s e n t e d  i n  t h i s  s e c t i o n .  
Approach To C a p i t a l  Costs- 
The f i r s t  s t e p  i n  t h e  a n a l y s i s  is  t o  s e l e c t  a b a s e  o r  r e f e r e n c e  sys t em 
from t h e  d e s i g n  d a t a  b a s e ,  The re  a r e  two c r i t e r i a  t h a t  were  adhe red  t o  
i n  t h i s  s e l e c t i o n  p r o c e s s .  F i r s t ,  t h e  c a p a c i t y  o f  t h e  r e f e r e n c e  sys t em 
s h o u l d  be  as c l o s e  as p o s s i b l e  t o  c u r r e n t  c a p a c i t y  n e e d s .  T h i s  minimizes  
e r r o r s  d s s o c i a t e d  w i t h  t h e  u s e  o f  an  i n c o r r e c t  c o s t - c a p a c i t y  exponen t .  
The second  c r i t e r i a  i s  t h a t  t h e  r e f e r e n c e  sys t em c o n f i g u r a t i o n  s h o u l d  
c l o s e l y  match c u r r e n t  d e s i g n  needs .  Any d e s i g n  a d j u s t m e n t  r e q u i r e d  by 
a  mismatch s h o u l d  be  s t r a i g h t  forward .  
The second  s t e p  i n  t h e  a n a l y s i s  i s  t o  s e l e c t  t h e  a p p r o p r i a t e  s i r e  
pa rame te r  w i t h  which t h e  r e f e r e n c e  u n i t  c an  b e  s c a l e d .  The p a r a m e t e r s  
chosen  f o r  e a c h  o f  t h e  r e q u i r e d  r e f e r e n c e  sys t ems  a r e  p r e s e n t e d  i n  T a b l e  1 9 .  
Once t h e  a p p r o p r i a t e  r e f e r e n c e  sys t ems  were s e l e c t e d  and s i z i n g  
p a r a m e t e r s  i d e n t i f i e d ,  t h e  c o s t s  were s c a l e d  u s i n g  a  c o s t - c a p a c i t v  
exponent  o f  0 .6 .  F i n a l  c o s t  a d j u s t m e n t s  were t h e n  made t o  a c c o u n t  f o r  
e s c a 1 ; l t i o n  t o  J a n u a r y  o t  1980,  i n d i r e c t  c o s t s  n o t  i n c l u d e d  i n  t h e  r e f e r e n c e  
c o s t ,  and t h e  e n g i n e e r i n g  and d e s i g n  c o s t s .  
Two examples  o f  t h e  u se  o f  t h i s  methodology a r e  p r e s e n t e d  below. 
Example 1 - Acid Cas Removal Uni t  Cos t  Adjus tment  
Sys tem:  Rec t is01 
R e f e r e n c e :  FE-2542-10 "Conoco Demonst ra t ion  P l a n t  
For  High BTG Gas,"  
D a t e :  A p r i l ,  1 9 7 8  
S e v e r a l  subsys t ems  i n  t h i s  d e s i g n  were needed f o r  p u r i f i c a t i o n  of  
L u r g i - d e r i v e d  g a s  t h a t  a r e  n o t  r e q u i r e d  f o r  a  K-T sys t em.  These  i n c l u d e  
Naphtha Recovery ( t h e r e  i s  no naph tha  i n  K-T MBG) and C O ,  o f f  g a s  compres s ion  
- 
( t h e r e  a r e  no l o c k  hoppe r s  i n  t h e  K-T g a s i f i e r ) .  The c o s t  of  t h i s  equ ip -  
ment was d e d u c t e d  from o v e r a l l  equipment  c o s t  and t h e  sys t em c o s t  e s t i m a t e  
w a s  t h e n  r e b u i l t  u s i n g  t h e  same t e c h n i q u e s  a s  i n  t h e  r e f e r e n c e .  T h i s  
TABLE I 9  
SCALING PARAMETERS SELECTION 
SH I FT CONVERSION, USE MOLS/HR CO SHIFTED. 
ACID GAS RENOVAL, USE MOLS/HR ACID GAS (H2S + COS + C02) REMOVED. 
METHANAT ION, USE MOLS/HR CH4 PRODUCED. 
METHANOL, USE MOLS/HR CH30H PRODUCED. 
GASOLINE SYNTHESIS, USE MOLS/HR CHjOH FED TO SYSTEM. 
HYDROGEN PUR I F! CAT1 ON, USE MOLS/HR PRODUCT H2 PRODUCED. 
resulted in 3 reference system capital reduction of 15 percent. 
The utilities required bv these subsystems were deducted from the 
totals for the AGR system. This resulted in a reduction of system steam 
comsumption of 10 percent. 
Cost of the system is obtained by scaling on moles per hour of H 2 S, 
COS and CO, remotred. Cost adjustments including scaling, escalation, 
- 
indirect factor, and engineering and design costs result in 
6 Single Module Cost = $32.27 x 10 x (13,556/13,827)0*6 n 1.22 
x 1.241 x 1.08 
= $52.14 x 10 6 
6 
where $32.17 x 10 is adjusted cost of reference system, 
13,556 is moles per hour oi acid gas removed bv 
add-on facility system, 
13,827 is moles per hour of acid gas removed 
by reference system, 
0.6 is scale factor, 
1.22 is escalation factor, 
1.241 is indirect factor, 
and 1.08 is engineering and design factor. 
Example 2 - CO Shift Unit 
System: Shift Conversion 
Reference: FE-2240-31 "Factored Estimates for Easter11 
Coal Commercial Concepts" 
Date: January, 1976 
This system was selected because it has a reasonable configuration 
that has a scale close to the current design and uses proven concepts 
and equipment. Cost of the system is obtained by scaling on moles per 
hour of CO shifted. 
Cost adjustments result in 
Single Module Costs = $14.5 x 10 x 1.30 x 1.00 
x 1.08 
where $14.5 x 10 6 is cost of reference system, 
9,291 is moles per hour of CO shifted 
by add-on facility system, 
7,141 is moles per hour of CO shifted 
by referencz system, 
0.6 is scale factor, 
1.30 is escalation factor, 
1.00 is indirect factor (none), 
1.08 is engineering and design factor. 
Capital Cost Results 
The capital costs for the four alternate-product modules for the K-T 
add-on facilities are detailed in Tables 20, 21, 22  and 2 3 .  Costs are 
given in 1960 dollars for each system, both onsite and offsite, as well 
as project contingency, owner's engineering and G&A, and the contractors 
fee. 
Approach To Operating COG 
Operating costs were calculated based on the K-T MBG facility where 
possible, and on reference literature otherwise. Operating labor is 
linearly scaled from system labor costs found in the design data base. 
Power consumption is calculated by means of a utility balance. The main- 
tenance labor and supplies are calculated as a percentage of system capital 
investment. These percentages amount to 3% for onsites and 1% for offsices. 
Supervisory costs are added according to engineering judgment. Other labor 
costs are calculated as percentages of operating and maintenance labor, or 
as a percentage of subtotal operating costs. 
Operating Cost Results 
The first year operating costs for the four alternate-product modules for 
the K-T add-on facilities are detailed in Tables 24, 25, 26 and 27. Costs 
are given in 1980 dollars on a facility basis. Costs are broken down in 
terms of operat ing labor,  operat ing s u p p l i e s ,  maintenance labor,  main- 
tenance s u p p l i e s ,  superv i s ion ,  general plant s t a f f ,  c a t a l y s t  and chemical 
makeup, e l e c t r i c  power, and administrat ion and general cverhead. 
TABLE 20 
CAPITAL COSTS FOR METHANE 
KOPPERS-TOTZEK, ADD-ON FACILITY 
SYSTJM DESCRIPTION WS OF 1989 DO1 
PEA- 
90 SH I FT COIIVERS I ON 
22-A ACID GAS REMOVAL (RECTISOLI 
91  METHAN AT I ON 
92 DRY I NG 
SUBTOTAL ONS!TES 
39-A COOLING TOWER 
84-A STEAM SUPERHEATERS 
85-A RAN WATER TREATMENT 
87/88 GENERAL AND SUPPORT FACIL IT IES 
( INCLUDES TURBOGENERATOR SET) 
SUBTOTAL OFFS ITES 
TOTAL SYSTEM CAPITAL INVESTMEilT 
PROJECT CONTINGENCY 
OWNERS ENGINEERING, G8A 
CONTRACTOR' S FEE 
TOTAL FACI L ITY INVESTFIENT 
TABLE 21  
CAPITAL COSTS FOR METHANOL 
KOPPERS-TOTZEK, ADD-ON FACILITY 
PTION 0 
e E R m  
90 SHIFT CONVERS ION 23.55 94.21 
22-A ACID GAS REMOVAL (RECTISOL) 42.59 170.34 
93 METHANOL S t  NTHES I S  32.42 1129.64 
SUBTOTAL ONS ITES 98.56 394.19 
39-A COOLING TOWER 3.56 14.25 
85-A R A W  WATER TREATMENT 4.23 16.92 
57/88 GENERAL AND SUPPORT FAC 1 LIT I ES JiLz -2iA 
( IHCLUDING METHANOL STORAGE-30 DAYS) 
SUBTOTAL OFFS I TES 14.12 56.48 
, TOTAL SYSTEM CAPITAL INVESTMENT 
PROJECT CONTINGENCY 
OliNERS ENGINEERING, GgA 
CONTRACTOR' S FEE 
TOTAL FAC I L I TY INVESTMENT 
TABLE 22 
CAPITAL COSTS FOR GASOLINE 
KOPPERS-TOTZEK, ADD-ON FACILITY 
u s  OF 1980 o w  
PER- 
ADD-ON FACILITIES FOR METHANOL 112.67 450.67 
94 GASOLINE SYNTHESIS 53 a 35 213.40 
37-A WASTE WATER BIOLOGICAL TREATFlENT 5.62 22.50 
ADD I T  I ONAI. GENERAL AND SUPPORT FAC I LIT I ES , 2.60 
o t 
INCLUDING GASOLINE ABD BYPRODUCT 
4 STORAGE I N  PLACE OF METHANOL STORAGE -1 
rn 
W 
TOTAL SYSTEM CAP ITAL I NVESTNENT 
PROJECT CONT I NGENCY 
OWNERS ENGINEERING, G8A 
CONTRACTOR' S FEE 
TOTAL FAC I LITY I N V f  STMENT 
TABLE 23 
CAPITAL COSTS FOR HYDROGEN 
KOPPERS-TOTZEK, ADD-ON FACILITY 
SYSTFF1 DESCRIPTION 0 
eFLN efP..:Lllr,lLITY 
ACID GAS REMOVAL (RECTISOL) 
SH I FT CONVERSION 
PRESSURE - SWING ADSORPl ION 
SUBTOTAL ONS I TES 
COOLING TOWER 
PROCESS CONDENSATE TREATMENT 
STEAM GENERAT I ON 
RAW WATER TRFATMENT 
GENERAL AND SUPPORT FACI L I T 1  ES 
SUBTOTAL OFFS 1 TES 
TOTAL SYSTEM CAP I TAL I NVESTMENT 
PROJECT CONT I NGENCY 
OWNERS ENGINEERING, G8A 
CONTRACTOR'S FEE 
TOTAL FAC I L I TY I NVESTf4ENT 
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TABLE 25 
OPERATING COSTS FOR METHANOL 
KOPPERS-TOTZEK, ADD-ON FACILITY 
M I  L L I O f i S  OF 1980 DOLLARS 
C A T E G O R Y  gUANTlTY- P
OPERAT I NG LABOR 
OPERAT I NG SUPPLIES 
MA I FITENAIJCE 
TOTAL 
0 
I 
d 
I 
m 
u LABOR 
SUPPLIES 
SUPERVISION 
GENERAL PLANT STAFF 
GATALYST 8 CHEMICAL MAKEUP 
ECTRIC POWER .- L 
ADMIN TI A ION 8 GENERAL 
I OV La H A  z & 
25 P RSOtiS PER S H I F T  PER 
FACI€ITY 
151 OF OPERATING LABOR 
3 OF OI iS ITE SYSTEM !'~!TII OFFS 1 T E  SY STE! 
CA I T A  
40% OF TOTAL MAINTEiiANCE 
602 OF TOTAL MAINTENANCE 
3 ADD I T  I ONAL SUPERV I SORS 
SYSTEM REQU I XEMENTS 
34,344 KW PER MODULE 
5% OF OPERATING COSTS 
I TOTAL ANNUAL ADD-ON OPERAT I NG EXPENSES 
TABLE 26 
OPERATING COSTS FOR GASOLINE 
- - 
MILLIONS OF 1980 DOLLARS 
gUANTITY y
OPERAT I NG LABOR ??R~F%??PTT! ER SHIFT 4 .08 
OPERATING SUPPLIES 15% OF OPERATING LABOR .61 
MAINTENANCE 
TOTAL ONS I T E  SYSTEM ?~P!A~ 
+ b  0 OFFSITE SYSTEM CA TA 
LABOR 40% OF TOTAL MAINTENANCE 
SUPPLIES 6 0 4  OF TOTAL MAINTENANCE 
SUPERVISIOrI 4 ADDITIONAL SUPCRV ISORS 
GENERAL PLAIT STAFF 3 x 0 ~ 0 ~ ~ ~ 1  ~8 
~INTENARcE L A ~ ~ O R  
CATALYST 8 CHEMI CAL MAKEUP SYSTEM REQU I REMENTS 
ELECTRIC POWER 28,233 KW PER MODULE 
ADM ST A ION 8 GENERAL 
~ D I L R H ! ~  
5% OF OPERATING COSTS 
TOTAL ANNUAL ADD-ON OPERAT I NG EXPENSES 
TABLE 27 
OPERATING COSTS FOR HYDROGEN 
KOPPERS-TOTZEK, ADD-ON FACILITY 
MILLIONS OF 1980 DOLLARS 
BUANTITY s
OPERATING LABOR 5 P RSORS PER SHIFT PER PACILITY 4.78 
OPERATING SUPPLIES 
MA I NTENANCE 
TOTAL 
Ch 
m LABOR 
SUPPLIES 
SUPERVISION 
GENERAL PLANT STAFF 
CATALYST 8 CHEMICAL MAKEUP 
ELECTRIC POWER 
T A ION 8 GENERAL ADM6UEfi~E~h 
15% OF OPERATING LABOR 
3% OF 0 SITE SYSTEM CAPPAL 
0 FSITE SYSTEM 
+ ' ~ A B I T A ~  
40% OF TOTAL MAINTENANCE 
60% OF TOTAL MA1 NI'ENANCE 
3 ADD I T  I ONAL SUPERVISORS 
30% OF OPER NG 8 
MA I NTEIIAA~E LABOR 
SYSTEM REQU I REMENTS 
1800 KW PER MODULE 
5% OF OPERATING COSTS 
TOTAL ANK!AL ADD-ON OPERAT I NG EXPENSES 27,35 
ALTERNATE GAS 'IFIERS 
The original scope of this task called for a qualitative assessment 
of the remaining gasifier technologies (Lurgi, BGC Lurgi, and Babcock and 
Wilcox) as to the alternate product each was best suited. This scope has 
been modified, in that the Lurgi techtlology has been used to design and 
cost an add-on facility to produce methane and methanol, and will be 
reported in a later report. The following is a description of the B&W 
Lurgi gasifier technologies in regard to alternate products. 
Babcock and Wilcox 
- 
The B&W gasifier is an entrained flow gasifier, similar to the 
Texaco and K-T gasifiers. The typical gas product is a medium BTU gas 
(300 BTUISCF) consisting primarily of Hz, C 9 ,  C02, and sulfur compounds. 
There is essentially no methane, or ammonia or tars formed in the gasification 
process. The H /CO ratio of the gas is approximate1.y 0.43. The B&W product 2 
gas is best suited for MBG or as synthesis gas for methanol, ammonja, hydrogen, 
etc., rather than synthetic natural gas (SNG) production as compared to the 
Lurgi or BGC/Lurgi cases. 
BGC Lurgi 
The BGC Lurgi sldggging gasifier is a moving bed gasifier similar in 
operation and product gas yield to the Lurgi (dry bottom) gasifier. The product 
gas contains significant amounts of methane, tar, and oils and has a higher 
heating value (HHV) of greater than 300 BTUISCF. The clean gas product has 
an H~/CO ratio in the range of 2.0 to 2.3. The methane content of the 
gas (9.0%) and the high H,/CO ratio make SNG production a significant 
L 
candidate for this gasifier technology. A difference between the BGC 
Lurgi and the Lurgi (dry bottom) gasifiers is that the Lurgi gasifier 
requires more steam injection in the gasification process. This results 
in a higher H2/C0 ratio (2.5) and consequently a stream more suitable for 
SNG production. 
BIBLIOGRAPHY 
F E - 2 2 4 0 - 1 0 1 ,  TECHNICAL REPORT FOR J O I N T  DOE-GRI COAL G A S I F I C A T I O N  PROGRAM 
( F I N A L  REPORT) ,  NOVEMBER, 1 9 7 8  
F E - 2 2 4 0 - 3 1  FACTORED ESTIMATES FOR EASTERN COAL COMMGRCIAL CONCEPTS 
( I N T E R I M  REPORT),  C.  F .  BRAUN AND COMPANY, SEPTEMBER 1 9 7 8  
F E - 2 2 4 0 - 4 9  COMPARISON OF A C I D  GAS REMOVAL SYSTEMS ( F I N A L  REPORT) ,  
C. F .  BRAUN AND COMPANY, A P R I L ,  1 9 7 8  
F E - 2 4 4 7 - 1 3  RESEARCH GUIDANCE S T U D I E S  TO ASSESS  GASOLINE FROM COAL BY 
METHANOL-TO-GASOLINE AND SASOL-TYPE FISCHER-TROPSCH 
TECHNOLOGIES ( F I N A L  REPORT) ,  MOBIL RESEARCH ANL DEVELOPMENT 
CORPORATION, AUGUST, 1 9 7 8  

I 
I THE BDM CORPORATION 
f 
TITLE PAGE 
TABLE OF CONTENTS 
LIST OF TABLES 
LIST OF DRAWINGS 
1 . 0  INTRODUCTION 
2 .0  SUMMARY 
3.0 DESIGN BASIS AND SCOPE 
3 . 1  Background 
3.2 Design Bas is  
3 . 3  Approach t o  Design 
TABLE OF CONTENTS 
Page 
3.3.1 Lu rg i  Base t o  Methane - Case 11-A 
3.3.2 Lu rg i  Base t o  Methane/Methanol 
Co-Production Case 11-B 
4 .0  DISCUSSION 
4.1 Case 11-A: Methane Product ion 
4 .2  Case 11-8: Methane-Methanr' Co-Product ion 
5 .0  REFERENCES 
PRECEDING PAGE BLANK NOT FILMED 
1 THE BDM CORPORATION 
Tab 1 e 
-
2- 1 
2-2 
LIST OF TABLES 
Key Mater ia l  Input  and Products 
Tota l  Capi ta l  Requirements - Add-on 
Methanation F a c i l i t y  
Operat ing and Maintenance Costs - Add-on 
Methanation F a c i l i t y  
Tota l  Capi ta l  Requirements - Add-on 
Methane/Methanol F a c i l i t y  
Operating and Maintenance Costs - Add-on 
Methane/Methanol F a c i l i t y  
Case 11-A Mater ia l  Bajance - Methane 
Product i o n  
Case 11-0 Mater ia l  Balance - Methane/Methanol 
Product ion 
U t i l i t y  - Methane A l te rna te  Product Module 
U t i l i t y  Summary - Methane/Methanol A l te rna te  
Product Module 
Page 
C-2-4 
I THE BDM CORPORATION i 4 i 
Drawing 
571 -SK-001A 
L I S T  OF DRAWINGS 
Page 
Methane Production Module Block Flow 
D i  agram C-2- 13 
Methane/Methanol Co-Production Module 
Block Flow Diagram C-2- 17 
Methane Production Module Steam Balance 
Diagram C-2-23 
Methane Production Module Water Balance 
i)i agram C-2-25 
Methane/Methanol Co-Production Module 
Steam Balance Diagram C-2-29 
Methane/Methanol Co-Production Module 
Water Balance Diagram C-2-30 
PRECEDING PAGE BLANK NOT FILMFP 
THE BDM CORPORATION 
1.0 INTRODUCTION 
This r e p o r t  presents the r e s u l t s  and a discussion o f  the process design 
o f  u n i t s  necessary t o  produce methanol and/or methane from Medium BTU Gas 
(MBG) produced i n  a Lurgi-based g a s i f i c a t i o n  f a c i l i t y .  The purpose o f  t h i s  
stud21 was twofold: t o  provide system l e v e l  engineering design and evalua- 
t i o n  o f  a Lurg i  -based g a s i f i c a t i o n  f a c i l  i t y  producing methane o r  methane- 
methanol as an a1 te rna te  t o  MBG; and, secondly, t o  determine the c a p i t a l  and 
operat ing costs associated w i t h  each a l t e rna te  product, which would be used 
to  develop r e l a t i v e  a1 te rna te  product costs. 
The a l t e rna te  product systems described i n  t h i s  repo r t  have been 
designed as add-on u n i t s  t o  the Lurg i  f a c i l i t y  d e f i n i t i o n  design t h a t  has 
been reported t o  the Marshal l  Space F l i g h t  Center (MSFC) i n  an e a r l i e r  
1 r e p o r t  on September 3, 1980. The same leve l  o f  design and methodology t h a t  
was used i n  the Koppers-Totzek and Texaco-based a l t s r n a t e  product analys is  
have been used i n  t h i s  study. 
Each of the case designs f o r  the product ion o f  methane o r  methanol from 
Lurg i  MBG i s  intended as an extension o f  previous cont rac t  subtasks. For 
each case o f  the system design, ava i l ab le  technologies were i d e n t i f i e d  and 
comparative t rade -o f f  s tudies preformed t o  se lec t  the pre fer red  technologies 
f o r  design. Each system design was based on publ ished data, engineering 
experiences and judgment, and design ca lcu la t ions  s p e c i f i c  t o  t h i s  study. 
There are two cases o f  a1 ternate product analys is  presented i n  t h i s  
repo r t .  Lurg i -der ived MBG contains an appreciable amount of methane 
(8.97 per cent)  due t o  the Lurg i  g a s i f i c a t i o n  process. Case 11-A i s  the 
study designated t o  produce methane from MBG. Case I I - B  i s  the study 
designated f o r  the co-production o f  methanelmethanol. The co-production 
case was prompted by two factors.  F i r s t ,  methanol product ion r e s u l t s  i n  an 
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of f -gas su i tab le  f o r  a methanation react ion. Second, since TVA has an 
apparent market f o r  methane, i t  was decided t h a t  i t  was more economically 
feasib le t o  synthesize addi t i o n a l  methane ra ther  than breakdown the e x i s t i n g  
methane i n t o  a synthesis gas. 
System leve l  costs, based on cost-versus-capaci t y  fac tor ing ,  are 
presented on a modular basis. Faci 1 i t y  costs were determined based upon 
the study resu l t s  and module costs. 
The discussion tha t  fo l lows describes the process design and r e s u l t s  
o f  t h i s  analysis ;t the module l eve l .  
L 
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2.0 SUMMARY 
A d e f i n i t i o n  l e v e l  process design t o  produce methane o r  methanol has 
been prepared based on Lurg i -der ived MBG. The process design has been 
performed on module l e v e l  capaci t ies.  The Lurg i  based module receives 
5,000 tonslday s ized coal a t  the g a s i f i e r s  and produces 290 MM SCFIDay of 
MBG w i t h  a heat ing value o f  380 BTUISCF. This ne t  quan t i t y  of  MBG i s  con- 
ver ted i n t o  methane o r  methlnol. Deta i led mater ia l  balances are included i n  
a l a t e r  sec t ion  o f  t h i s  report ,  along w i t h  t h e i r  associated o v e r a l l  block 
f low dlagrams. However, the key mater ia l  i n p u t  and outputs are summarized 
i n  Table 2-1. 
The f a c i  1 i t y  costs. t o  produce methane o r  methanehethan01 , presented 
i n  Tables 2-2 through 2-5 respect ive ly ,  present the costs of a f a c i l i t y  
( 4  modules) necessary t o  produce 1007<7 of the a1 ternate product. 
Based on the data presented i n  these tables and the methodology described 
i n  BDMIW-80-258-TR-RV2, "Cost Est imation and Economic Eva1 uat ion  Methodology," 
the  1980 cos t  o f  product i s  87.691MM Btu f o r  methane and S6.81/MM Btu f o r  a 
co-product s l a t e  of methanol and methane. 
The f o l  lowing sect ions o f  t h i s  repor t  prov ide more de ta i  1 s concerning the 
process design o f  key elements o f  the a1 te rna te  product fac i  1 i t y  . 
- . .... .- -I - .. " - -. . .< -".+i.--XI"--."i - - .-- F*il=" t>..,,.I-=I .--=., = - *,-o.7i-. ",.-G.mlmw,- s~.s~-.3,aT*,--... L = s - - a - - - . ~ % - ~ ~ - . ~ , - - - p ~  
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TABLE 2-1. KEY MATERIAL INPUT AND PRODUCTS 
PRODUCT COMPOSITION, MOLE 'A 
"2 
Fi2 
C O  
C02 
SULFUR 
LURGI-DERIVED PRODUCTS 
MBG CASE 11-A CASE I I-B 
FEED GAS 
- 
METHANE 
- 
METHANE/METHAN!IL 
46.77 
0.44 
17.09 
26.02 
200 PPMV 
8.97 
0.68 
- 
114 PPMV 
4.96 
1.59 
0.05 
0.89 
NIL 
92.50 
- 
- 
100 PPMV 
9.12 / 
2.73 / 
NIL / 
0.05 / 
NIL / 
88.08 / 
- / 
- 
160 PPMV / 
- 
- 
- 
0.16 
NIL 
0.04 
- 
97.64 
2.16 
MMSCFD - FEED GAS 289.5 - - 1 -  
MMSCFD - METKANE ( 26.0)* 75.6 46.8 / ( 0.08)* 
M BARREL/DAY - METHANOL - - - / 14.25 
GAS HHV - BTU/SCF 308 950.3 918.3 / - 
IMPORT POWER - KW 29.4 20.2 24.1 1 
IMPORT kATER - M GAL/DAY 2,999.5 411.8 1,137.6 
NOTE: Results are representat ive of one module. 
* Included i n  feed gas. 
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UNIT OPERATION 
Table 2-2  
TABL; 2 - 2 .  TOTAL CAPITAL REQUIREMENTS -- 
ADD-ON METHANATION FACILITY 
SHI FT CONVERS ICN 
ACID GAS REMOVAL 
METHANATION 
GAS DRY INC 
COOLING WATER 
STEAM SUPERHEAT 
RAW WATER TREATING 
SOLIDS TREATING 
BUILDINGS AND ELECTRICAL DISTRIBUTION 
CAPITAL INVESTMENT 
MILLION DOLLARS 
SYSTEM CAPITAL INVESTMENT (ADD-ON METHANATION FACILITY) 403.10 
PROJECT CON'TINGENCY 60.47 
OWNERS ENGINEERING & G AND A 9.64 
CONTRACTOR'S FEE 18.54 
491 .75 
SYSTtM CAPITAL INVESTMENT (LURGI BASE FACILITY) 
TOTAL FACILITY INVESTMENT 
ROYALTIES 
AFUDC 
START-UP AND TESTING 
TOTAL DEPRECIABLE INVESTMENT 
NON-DEPRECIABLE iNVESTMENT 
TO1 AL CAP IT'AL REQUIcREMENTS 
*:ncl bdes coal used during start-up and testing. 
. . .. - .. . ......&. , .A A". .,. r ,,,..- -t- ,.., ania'&&ei. ,. Bus.,..&4.;"lr ;>>---wr..- . . . . 
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TABLE 2-3. OPERATING AND MAINTENANCE COSTS -- 
ADD-ON METHANAT1014 FAC!LITY 
OPERATING LABOR 
OPERATING SUPPLIES 
MAINTENANCE LABOR 
MAINTENANCE SUPPLIES 
SUPERVISION 
GENERAL PLANT STAFF' 
CATALYST AND CHEMICALS 
ELECTRIC POWER 
ADMINISTRATION AND GENERAL OVERHEAD 
ANNUAL OPERATING COSTS (ADD-ON METHANE F A C I L I T Y )  
ANNUAL OPERATING COST (LURGI BASE PLAN? ) 
TOTAL ANNUPL OPERATING COSTS 
M I L L  ION DOLLARS 
1.88 
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TABLE 2 - 4 .  TOTAL C A P I T A L  REQUIREMENTS -- 
ADD-ON METHANE/METHANOL F A C I L I T Y  
U N I T  OPERATION C A P I T A L  INVESTMENT 
Y I L L  I ON DOLLARS 
METHANOL SYNTHESIS 1 0 0 . 7 6  
A C I D  GAS REMOVAL 1 5 3 . 1 2  
METHANATION 4 r . 1 6  
COMPRESSION 2 3 . 3 6  
GAS DRYING 1 . I 6  
C02 REMOVAL 4 0 . 2 0  
COOLING WATER 7 0 . 1 1  
STEAM SUPERHEAT 1 4 . 4 8  
RAW WATER TREATIKG 2 7 . 9 6  
BY-PRODUCT STORAGE 1 5 . 2 4  
B U I L D I N G S  AND ELECTRICAL D I S T R I B U T I O N  1 5 . 3 6  
SYSTEM C A P I T A L  INVESTMENT (ADD-ON METHANATI ON/METHANOL 5 1 0 . 9 1  
F A C I L I T Y  
PROJECT CONTINGENCY 
OWNERS ENGINEERING & G AND A 
CONTRACTOR ' S FEE 
SYSTEM C A P I T A L  INVESTMENT ( L U R G I  BASE F A C I L I T Y )  1 , 8 7 9 . 0 0  
TOTAL F A C I L I T Y  INVESTMENT 2 , 5 0 2 . 2 7  
ROYALTIES 
AFUDC 
START-UP AND TESTING 
TOTAL DEPRECIABLE INVESTMENT 
NON-DEPRECIABLE INVESTMENT 
* I n c l u d e s  coal u s e d  d u r i n g  s t a r t - u p  a n d  t e s t i n g .  
- -- --- --Y 
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TABLE 2-5. OPERATING AND MAINTENANCE COSTS -- 
1 ADD-ON METHANE/METHANOL FAC I L I TY 
I 
M I L L  ION DOLLARS 
I 
2 . 4 3  i $ 0 .36  
2.49 
3.74 
I 
I 
0 . 1 4  
I 1 .52  5 . 3 2  
I 
1 1 5 . 1 3  
'1 . 2 9  
I 
I 32.42 
OPERATING 
OPERATING SUPPLIES 
MAINTENANCE LABOR 
MAINTENANCE SUPPLIES 
SUPERVISION 
GENERAL PLANT STAFF 
CATALYST AND CHEMICALS 
ELECTRIC POWER 
ADMINISTRATION AND GENERAL OVERHEAD 
ANNUAL OPERATING COSTS (ADD-ON METHANE F A C I L I T Y  ) 
ANNUAL OPERATING COST (LURGI BASE PLANT) 
TOTAL ANNUAL OPERATING COSTS 
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3.0 DESIGN BASIS AND SCOPE 
3.1 Background 
The a l t e r n a t e  product  a i~a l yses  have been p red ica ted  on a des i r e  t o  
p rov ide  the TVA G a s i f i c a t i o n  P r o j e c t  Team s u f f i c i e n t  data on c o s t  and pro-  
cess requirements t o  make a dec is ion  on whether t o  add a l t e r n a t e  product  
2 
capabi 1 i t y  t o  t h e i r  proposed g a s i f i c a t i o n  f a c i l i t y .  E a r l i e r  team work on 
a1 t e r n a t e  product  ana lys is  considered a wide spectrum o f  a1 te rna tes  (methane, 
methanol, hydrogen, and gaso l ine)  der i ved  from MBG produced i n  a Koppers- 
Totzek o r  Texaco-based g a s i f i c a t i o n  f a c i l i t y .  
The o b j e c t i v e  o f  t h i s  study was t o  p rov ide  system l e v e l  d e f i n i t i o n  
o f  a f a c i l i t y  t h a t  produced methanol and/or methane from MBG der ived  from a 
Lu rg i  -based g a s i f i c a t i o n  f a c i l i t y .  
3.2 Design Basis 
The a1 t e rna te  p r o j e c t  ana lys is  presented i n  t h i s  r e p o r t  has been 
performed a t  t he  same l e v e l  o f  design as the  prev ious work on Koppers-Totzek 
and Texaco t o  p rov ide  a s i m i l a r  base f o r  comparison. The Lurg i  f a c i  1 i t y  
d e f i n i t i o n  des ign has been designed i n  accordance w i t h  the  TVA Design 
C r i t e r i a ,  A p r i l  1980. Th is  design and the r e s u l t s  have been submit ted t o  
MSFC i n  an e a r l i e r  repor t .  
As i n  the e a r l i e r  a l t e r n a t e  product  ana lys is ,  BDM/H-80-481-TR, the 
a l t e r n a t e  product  u n i t s  have been considered "add-on" u n i t s  w i t h  minimal 
i n t e g r a t i o n  t o  the  base f a c i l i t y .  The base f a c i l i t y  i s  considered t o  be the  
Luryi-based MBG f a c i l i t y .  
Several engineer ing design s tud ies  have been performed and repor ted  
i n  open l i t e r a t u r e .  These sources p rov ide  an e x c e l l e n t  bas is  f o r  the  
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fac tored systems designs reported here in fo r  the CO s h i f t  un i  t3, the Rect iso l  
4 un i  t , the methanol synthesis un i  t5, and the methanation uni  t3. These 
designs were appropr ia te ly  scaled for  our  feed quan t i t i es ,  as was done i n  
the  e a r l i e r  a l t e r n a t e  product analysis,  and used t o  develop the expected 
product y i e l d s  and u t i l i t y  requirements, as we l l  as s y s t e m  costs. The 
module systems costs were then used t o  develop the f a c i l i t y  l e v e l  c a p i t a l  
and operat ing costs . 
The n e t  MBG from one Lurg i  module was used as feed t o  the a1 te rna te  
product f a c i  1 i t i e s .  Fuel gas requi red f o r  i n t e r n a l  consumption (steam super 
hea t )  i n  the a1 te rna te  f a c i l i t i e s  was taken from the n e t  methane product. 
This  was done because (1)  no apparent cost  savings were observed f o r  reduced 
through-put i n  the a1 ternate product f a c i l i t i e s  and ( 2 )  the HHV of the 
methane product requ i res  less gas volume and u t i  1 izes a h igh  2 f f i c iency  
f i red  heater. 
3.3 Approach t o  Design 
The approach taken i n  t h i s  study t o  develop a process design o f  
the  fac i  1 i t i e s  necessary t o  produce methane/methanol from Lurg i  -der i  ved MBG 
was e s s e n t i a l l y  the same as t h a t  i n  the K-T and Texaco a l t e r n a t e  product 
2 ana lys is  done e a r l  i e r  . I n  any cont inuing process engineering study, e a r l i e r  
t radeof f  s tudies and design r e s u l t s  are u t i l i z e d  i n  the l a t e r  s tudies which 
tend t o  produce a more optimum design. 
The fac i  1 i t i e s  t o  produce methanol and/or methane from Lurg i -  
der ived MBG have been designed as an add-on f a c i l i t y  t o  the Lurg i  base 
f a c i l i t y * .  There was no i n t e n t  t o  i n teg ra te  the two f a c i l i t i e s ,  which 
resu l ted  i n  dup l i ca t i on  of some un i t s ,  both i n  the process u n i t s  and i n  tk,e 
o f f - s i  t e  un i t s .  However, observations r e s u l t i n g  from the K-T and Texaco 
a1 te rna te  product analys is  indicatt,d t ha t  a rlore rea l  i s t i c a l  l y  economic 
- 
*The Lurg i  base f a c i  1 i t y  i s  considered t o  be che stand-alone Lurg i  -based 
g a s i f i c a t i o n  f a c i l i t y  t h a t  produces MBG as i t s  prcduct gas. 
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design could be achleved by processing small waste water and s o l i d  s l u r r y  
streams i n  the Lurg i  base f a c i l i t y .  Th2se considerat ions are i d e n t i f i e d  
and discussed i n  l a t e r  sect ions of t h i s  repor t .  
The purpose o f  t h i s  a1 ternate product analys is  was twofo ld:  f i r s t ,  
t o  prov ide system leve l  engineering design and evaluat ion of a Lurgi  -based 
g a s i f i c a t i o n  f a c i l  i t y  produci ng methane and/or methanol as an a1 ternate t o  
MBG; and secondly, t o  determine the c a p i t a l  and operat ing costs associated 
w i  t h  each a1 te rna te  product. 
An add-on, modular approach was used as the design basis  f o r  
design and cos t i ng  o f  each a1 te rna te  product. Each a1 te rna te  product 
f a c i  1 i t y  was based on the n e t  output  o f  MBG, der ived from 5,000 tons per 
1 day coal feed, as def ined i n  the Lurg i  f a c i l i t y  d e f i n i t i o n  design . The 
f a c i l i t y  l e v e l  costs and capac i t ies  were then determined based oh a four  
module fac i  1 i t y  . 
The t rade-o f f  s tudies performed i n  the K-T and Texaco a l t e rna te  
product ana lys is  concerning each o f  the u n i t  operat ions necessary t o  pro- 
duce methanol and/or methane are s t i l l  va l  i d  f o r  t h i s  study. 
The processing scheme selected includes CO s h i f t  t o  ad jus t  the 
HZ/CO r a t i o  t o  the value necessary f o r  the c a t a l y t i c  react ion,  a se lec t i ve  
Rect iso l  u n i t  t o  remove Cop and s u l f u r  compounds and the c a t a l y t i c  reac t ion  
t o  produce methane o r  methanol. Also, a gas dry ing  u n i t  i s  provided fo r  the 
methane product  t o  meet water content requirements. 
Furthermore, the steam and water requirements o f  the a l t e rna te  
product f a c i  1 i t y  are met w i t h i n  the a1 te rna te  F a c i l i t y  boundary. 
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3.3.1 Lurg i  Base t o  Methane - Case 11-A 
Case 11-A was designated as the analys is  of f a c i l i t i e s  
t o  produce methane from Lurgi -der ived MBG. The process u n i t s  necessary t o  
produce methane are shown on drawing 571 -SK-OOl A, Methane Product ion Module 
Block Flow Diagram. The associated mater ia l  balance i s  provided i n  Table 3-1. 
The orscess sequence i s  s i m i l a r  t o  t h a t  provided i n  the Koppers-Totzek 
a l t e r n a t e  product analys is .  
Lurg i -der ived MBG a t  1 0 0 ~ ~  and 615 P S I A  i s  mixed w i t h  HP 
steam and Fed t o  a CO s h i f t  conversion u n i t .  CO s h i f t  e f f l u e n t  i s  fed t o  a 
s e l e c t i i e  r e c t i s o l  u n i t ,  which i s  used t o  remove C02 t o  1.0 per  cent of the 
t rea ted  gas and essen t i a l l y  a l l  of the s u l f u r  compounds. The shi f ted,  sur fur  
f ree  synthesis gas i s  then fed t o  the methanation u n i t  where 99.9 per cent of 
the CO, 68.8 per cent of  the C O Z Y  and 100 per cent o f  the ethane/ethyiene 
components are  converted t o  methane. The f i n a l  step i n  the process i s  a TEG 
d ry ing  u n i t  t o  dry the product methane t o  p i p e l i n e  spec i f i ca t ions .  
High pressure steam, 1525 P S I A  and 585'~, i s  generatrd by 
waste heat recovery i n  the CO s h i f t  and methanation un i t s .  This steam i s  
superheated i n  a gas ( C H ~ )  f i r e d  superheater and used fo r  t u rb ine  d r i v e r s  and 
the  CO s h i f t  steam requirement. Process condensate, n o t  used fo r  cool ing 
tower make-up water, b o i l e r  blowdown, and water treatment sludge are t rea ted  
w i t h i n  the a1 ternate product module. Sol i d s  are routed t o  the Lurgi  base 
f a c i l i t y  f o r  disposal and the excess t rea ted  water (315 GPM) can be used i n  
the  Lurg i  base f a c i l i t y  t o  reduce import raw water o r  dumped. This a l t e rna te  
product design requi res 266 GPM o f  raw water on ly  dur ing s ta r t -up .  The water 
requirements f o r  t h i s  f a c i l i t y  can be met by u t i l i z i n g  the process generated 
condensate. 
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3.3.2 Lurg i  Base t o  Methane/Methanol Co-Production - Case I I - B  
Case 11-0 was designated as the m a l y s i s  o f  f a c i l i t i e s  
t o  produce methane and methanol from Lurgi -der ived MBG. This decis ion was 
made due t o  the cha rac te r i s t i cs  of the MBG and the methanol synthesis u n i t .  
The Lurg i -der ived MBG developed fo r  t h i s  study contained 8.97 per cent 
methane znd 0.68 per  cent ethane/ethylene and has a H2/C0 r a t i o  o f  2.74. 
The methanol synthesis u n i t  requi res an H2/C0 r a t i o  of 2.5 and, consequently. 
does n o t  requ i re  a CO s h i f t  u n i t .  Furthermore, the purge and off-gases from 
the methanol synthesis u n i t  are su i tab le  f o r  conversion t o  methane and the 
methane and heavier hydrocarbons are unaffected by the methanol c a t a l y t i c  
react ion.  The requ i red  process u n i t s  are shown on Drawing 571-SK-002A. The 
associated mater ia l  balance i s  provided i n  Table 3-2. 
Rather than feed the methane po r t i on  of the Lurg i  MBG t o  
a methanation u n i t  t o  c a t a l y t i c a l l y  convert  the methane t o  CO and H2 and 
since TVA has an i d e n t i f i e d  market f o r  syn the t ic  na tura l  gas (SNG), i t  was 
decided t o  use the methanol synthesis off-gases t o  produce a marketable SNG. 
Lurg i -der ived MBG a t  100 '~  and 615 P S I A  are fed t o  a 
se lec t i ve  r e c t i s o l  u n i t ,  which i s  used t o  remove GO2 t o  1.0 per cent of the 
e x i t  gas and e s s e n t i a l l y  a l l  o f  the su l fu r  compounds. The su l fu r - f ree  
synthesis gas i s  then fed t o  the methanol synthesis u n i t  where 93.14 per cent 
o f  the CO and 47.76 per cent o f  the C02 are converted, i n  the presence o f  Hz, 
i n t o  methanol and water. The crude methanol product, 97.6 per cent methanol, 
i s  routed t o  storage and shipping un i t s .  
The purge and expansion gases from the methanol synthesis 
u n i t  e x i t  a t  9 5 ' ~  and 20 P S I A  w i t h  an H2/C0 r a t i o  of  11.66. For the methana- 
t i o n  reac t ion  t 3  proceed e f f i c i e n t i y ,  another source o f  carbon i s  requi red t o  
u t i l i z e  the Hz content of tne gas. CO i s  p re fer red  f o r  t h i s  reac t ion ,  but  
there i s  a pure CO2 stream vented t o  the atmosphere from the Rect iso l  u n i t .  


TABLE 3-2. CASE I I - B  MATERIAL BALANCE - METHANEIMETHANOL PRODUCTION (cont'd) 
STMAn NUMBER 
1 + 
MTHANATION YFTHANC METHANE PROCESS RAW YATER 8Ol l tR  k t L D  LWLINC EKCfSS 
PLOW? U S  PROWCT PROWCl CONMNSATE ' MKE-UP WATER TOYER STEAM 
TO GAS WKE-UP MKE-UP CONMHSATE 
c o n w N m  SWBYL \-&% OWING 
(CWlbOt4ENT QUANTITIES UEYURTED IN l b  WLESIHR) 
1 IIYDHWEN !; 2.016 467.6 467.6 1 467.6 NITHOCW 28.016 140.0 140.0 140.0 I CARLlON M0W)XIDE 28.01 0.2 5.2 "2 CARBON DIOXIDE CO 44.01 364.1 2.6 2.6 IlYUROGEN SULFIDE n,B 34.076 CR OH 32.042 HETlIANi)L 
60.075 W O N Y L  SULFIDE ~ 0 4  
nEllLUIE 16.042 4.514.6 4.514.6 4.514.6 
ETIIANL: 30.068 
LTtIYLENE 28.052 
PROPANE 44.094 
PWOPYLENE 42.078 
IS0 BUTANE 58.11 
N bUTANE 58.12 
BUTENES 56.101 
IS0 PENTANE 72.146 
N YENTANE 72.146 
PENTENES 70.13 
CAS01.1NE 
TOTAL DRY 5,486.5 5,125.0 5.1?5.0 
UATEH I1 ,O 18.016 5.1 4.7 0.8 
TOTAL YET I6 HoI.ES/HH 5.491.6 5.115.7 5.125.8 
TOTAL t4 YOUNDSlilW 93.410 77.493 77.423 85.981 394,913 61.1116 32a.928 21 .L92 
WLECUUH UEISIIT 17.01 15.12 15.10 18.0 18.0 18.0 18.0 
100 100 250 100 1 30 
PHESSUU, PSlA 1.035 1.1: 1,015 I 40 50 1.550 75 100 2.08 1.95 1.95 
I 172 'rd 123 658 43 
4.0 DISCUSS ION* 
This sec t ion  o f  the repo r t  describes the ~ilethodology and d e t a l l  o f  
the process desigr, o f  the two cases t o  produce methanol and/or methane. The 
designs presented here in  are based on the ne t  MBG product from one ~ u r g i  
gas i f i ca t i o t  and conver t inq the MBG i n t o  the a1 te rna te  products. The f u l l  
gas require;nent f o r  superheating steam has been taken from the methane 
product In  both cases. This was done f o r  three reasons; f i r s t ,  the h igher  
heat ing  value (HHV) o f  the methane product requi res a lower f lowrate o f  gas; 
second, the use o f  MBG would r e s u l t  i n  lower a1 te rna te  product y i e l d ;  and 
t h i r d ,  there was no appreciable cost  saving on the u n i t s  based on reduced 
through-put. 
The o f f - s i t e  por t ions  were designed to  be s e l f - s u f f i c i e n t  i n  steal11 
product icn and water t rea t .  The ac id  gas from the Rect iso l  u n i t  and c e r t a i n  
blowdown streams were t reated i n  the Lurg i  base f a c i l i t y  because: ( 1  ) i t  
was n o t  cost e f f e c t i v e  o r  p r a c t i c a l  t o  design u n i t s  f o r  such small flows; 
and ( 2 )  the f lowrates would no t  ser ious ly  impact the u n i t s  i n  the base . 
f a c i  1 i ty. 
4.1 Case 11-A:  idethane Production 
Process Un i t s  
The product ion o f  methane from synthesis gas requi  res adjustment o f  
the H2/C0 r a t i o  t o  approximately 3.0-3.2. However. Lu rg i -dw ived  synthesis 
contains an appreciable amount o f  ethane and ethylene t h a t  cracks dur ing the 
metl,,:tt~cion react ion.  For t h i s  reason. the H2/C0 r a t i o  was se t  a t  3.3 t o  
prov ide excess H2 t o  saturate the products o f  the c \~ack ing  reac t ion .  
The CO s h i f t  u n l t  f o r  t h i s  case was selected from a Lu7gi design 
3 prepared by C.  F. Braun . The design condi t ions f o r  the s h i f t  u n i t  used a 
steam t o  d ry  gas r a t i o  o f  0.65 WT, 4nd geared t o  ad jus t  composition o f  the 
synthesis gas t o  a H2/C0 r a t l o  o f  3.3. Since the MBG gas had a s t a r t i n g  
H2/C0 r a t i o  of  2.74. only  711.5 moles of  CO are s h i f t e d  t o  C02. 
The ac id  gas removal u n i t  chosen was a se lec t i ve  Rect iso l  ft-on1 a 
4 desigri prepared by Continental  O i l  . The se lec t i ve  R ~ c t i s o l  u n i t  was 
selected t o  nieet the low s u l f u r  leve l  requirement imposed by the alethanation 
ca ta l ys t .  The Rect iso l  u n i t  was place4 a f t e r  the s h i f t  u n i t  so as t o  reniove 
C02 dtrd s . i f u r  const i tuents a t  one time. The design of t h i s  trni t resu l t s  i n  
a1 1 H2S a1.3 COS removed to  1 PPHV o r  less. 0.4:. H2 loss, 0.19': N210ss, arid 
CO, renioved t o  only  10.  of  the o u t l e t  gas. 
The C02 stream i s  routed t o  the at~riospliere and the s u l f u ~ .  cor \s t i -  
tutants are routed t o  the s u l f u r  recovery u n i t  i n  the Lurgi  base f a c i l i t y .  
This ac id  gas stream i s  38 per  cent s u l f u r  and i s  only  10.3 l b  n ~ l l e s / t i r .  
This stnall stream can be handled i n  the base p l a n t  f a c i ' l l t y .  
The methanation u n i t  selected fo r  t h i s  study was a ho t  recycle case 
3 f1~o111 a C .  F. Braun work . T:tis desigti includes a t r i m  methanatioti reactor  and 
a conrpressu?- t o  b ~ o s t  the gas pressure to  the ~.equired transmission pressure. 
Methane fornied f r w i i  Lurgi  gas i s  from two sets o f  react ions.  The f i r s t  type 
i s  the synthesis gas reactor ,  convert ing CO and C02. i n  the presence o f  ti2. 
i n t o  methane and water, 
The second reactrion type i s  the thermal cracking (deconiposi t i o n )  
of  C, hydrocarbons according t o  the fo l low ing redct ions.  
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The t o t a l  moles o f  CH4 formed was 5301.6 It. nlolelhr.  
The l a s t  process u n i t  requ i red  i n  t h i s  study was the SNG dry ing  
u n i t .  This u n i t  uses a t r i e thy leneg lyco l  s o l u t i o n  t o  d ry  the gas by absorb- 
i n g  water t o  r e s u l t  i n  a gas w i t h  7 l b s  H20 per m i l  1 ion  cubic f e e t  o f  gas. 
U t i l i t y  Un i t s  
The u t i  1 i t y  u n i t s  requi red t o  support the methanation fac i  1 i t i e s  
were designed w i  t h  minimum dupl i c a t i o n  of the base fac i  1 i t y .  
High pressure (HP) steam i s  generated a t  1525 PSIA ,  saturated by 
wdste heat recovery i n  the CO s h i f t  and methanation un i t s .  This steam i s  
superheated i n  an SNG F i red  heater and d i s t r i b u t e d  a t  1450 P S I A  and 9 0 0 ~ ~  
f o r  use i n  t u rb ine  d r i ve rs .  The superheater uses 501 l b  moleslhr ( . I 9  MMSCFH) 
ef SNG a t  a f i r e d  duty o f  182,4 MM Btu lhr .  LP steam requirements are met 
by desuperheating 107,514 I bs/hr of HP steam t o  165 P S I A  and 36d0f. Excess 
LP steam i s  condensed and used as desuperheating water. The b o i l e r  feed 
water punips supply 1324 GPM of  BFW f o r  steam generation. Drawing 571-SK-001B 
dep ic ts  the nlethane a1 ternate prcduct module steani balance. 
Process condensate from the CO s h i f t  u n i t  i s  used as cool ing tower 
make-up water. I t  i s  f e l t  t ha t  the stream i s  no t  s u f f i c i e n t l y  contaminated 
t o  cause environmental problems. The cool i c g  tcwer has been s ized t o  prov ide 
13.49) GFM of  coo l ing  water t o  process users. 
Excess condensate from GO s h i f t  (350 GPM) , niethanation process 
condensate (181 GPM), b o i l e r  blowdown (63 GPM) and water t r e a t i n g  sludge 
(19 GPM) are  t rea ted  i n  a sol  i ds  treatment f a c i l i t y  p r i o r  t o  reuse o r  d i s -  
charge. 
The watgr treatment f a c i l i t i e s  were designed t o  use 285 GPM of 
t r ea ted  water from s o l i d  treatment f o r  use as b o i l e r  feed water make-up. I t  
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was assumed fo r  t h i s  study t h a t  80 per cent of the steam condensate would 
be ret i t rned fo r  BFW. There i s  a demand fo r  266 GPM of raw water import f o r  
start- , ;p only. 
The sol  i d s  from sol i d s  t rea t i ng  are routed t o  the Lurgi base 
f a c i  1 i t y  f o r  disposal . The excess t reated water (31 5 GPM) ccn be routed t o  
the  Lurgi  base f a c i l i t y  t o  reduce raw water import o r  discarded t o  the 
Tennessee R i  ver. Drawing 571 -SK-001C depicts the a1 ternate produr t  module 
water balance. 
U t i l i t y  Sumnary 
Table 4-1 summarizes the u t i l i t y  requirements of the methane a l t e r -  
na te  product module process and u t i l i t y  un i t s .  
Case 11-B: Methane-Methanol Co-Production 
This case was o r i g i n a l l y  intended t o  be a study o f  the product ion 
o f  methanol. However, due to  the 'act tha t  the Lurgi MBG contained 8.96 MOL 
per cent CH4 and the methanol synthesis off-gases are su i tab le  fo r  methane 
synthesis, i t  was decided t o  provide the f a c i l i t i e s  t o  produce methane as we l l  
as methanol. The only other  decis ion would be t o  use the methanol synthesis 
purge-gas i n  the fuel system o r  convert i t  t o  synthesis gas. This would have 
been an i n e f f e c t i v e  use o f  the methane content of the MBG. 
Process Uni t s  
The processing sequence requi red f o r  producing me than01 requi res 
no CO s h i f t  u n i t  tr adjust  the H2/C0 r a t i o .  The methanol synthesis u n i t  
se lected requires an H2/C0 r a t i o  o f  2.5 and the synthesis gas i s  already a t  
a 2.74 H2/C0 r a t i o .  The methan~ l  synthesis reac t ion  converts CO and Cop, 
Plus i n t o  methanol and water. The assumption was made tha t  the u n i t  con- 
f i g u r a t i o n  leaves l i t t l e  i f  any gases i n  the l i q u i d  phase and t h a t  the 4 4 
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TABLE 4-1. UTI LI'iY SUMMARY - METHANE ALTERNATE PRODUCT MODULE 
ICO SHIFT 1 49.8 / 
I 
METHANATION 
GAS DRYING 
COOLING DRIVER 
VATER 
- - - - - 
GPM I B:: 
SUBTOTAL 16 ,I 74 13,497 i I 39-A COOLING H20 SUPPLY * * ' 1,255,,6 
85-A WATER TREATING * * 591 .O 1 
1 -  - [ IMPORT 
I 
1 HEAT TO 1 LP STEAM I HP STEAM 
* Included i n  1.25 f a c t o r  
** Tota l  e l e c t r i c a l  requirement m u l t i p l i e d  by 1.2!) t o  account f o r  motor losses, l i g h t i n g ,  e tc .  
..POKT~ 1 
HP STEAM PROCESS 
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water and methanol are i n  solut ion. The cttude methanol product i s  sent 
d i r e c t l y  t o  storage f o r  shipment. 
The purge and off-gas streams leave the methanol u n i t  a t  2 0  P S I A  and 
r i c h  i n  CHq and Hz. These strears are su i tab le  f o r  conversion i n t o  methane 
w i t h  some a l te ra t ion .  The HZ/CO r a t i o  i s  excessively high a t  11 . I .  The 
h igh hydrogen content would resu l t  i n  a methane produce w i th  an unaccegtabl*! 
low HHV. 
One method of improving the qua l i t y  of the methane product i s  t o  add 
carbon species such as CO o r  C02 t o  e f fec t i ve ly  use the hydrogen i n  the 
methanation. CO i s  more amenable t o  the reaction; but, i n  t h i s  study, a 
r e l a t i v e l y  pure stream of C02 i s  avai lable from the rec t i so l  top vent stream. 
The CO tends t o  react  a t  99.9% conversion while CO2 i s  reacted a t  68.8% con- 
version. This lower conversion f o r  C02 resu l ts  i n  an increased Cop content 
o f  the methane product. This addi t ional  COZ i s  eas i l y  removed i n  a MEA 
wash or  C02 removal un i t .  
The methanation reaction takes place a t  h igh pressure, so the 
methanol synthesis purge gases and C02 vent gas are mixed a t  near atmospheric 
pressure and compressed t o  the necessary reaction pressure. 
The methanation u n i t  for  th i s  case i s  the same as i n  case 11-0. 
The methanation react ion products are routed t o  a C02 removal u n i t  and then 
t o  a TEG gas dry ing u n i t  t o  provide a methane product o f  acceptable qua1 i ty.  
U t i  1 i t y  Units 
The u t i  1 i t y  un i t s  required to  support the production o f  methane 
and methanol were designed wi th  minimal dupl icat ion of the un i t s  i n  the Lurgi 
base faci 1 i ty. 
THE BDM CORPORATION 
High pressure (HP) steam i s  generated a t  1525 PSIA, saturated by 
waste heat recovery i n  the methanol synthesis and methanation un i t s .  This 
steam i s  superheated i n  an SNG f i r e d  heater and d is t r i bu ted  a t  1450 P S I A  and 
900°f f o r  use i n  turbine dr ivers .  The superheater i8 ies 339 l b  moies/hr 
( . I 3  MMSCFH) o f  SNG a t  a f i r e d  duty of 118.1 MM Btu/hr. LP steam requirements 
are met by desuperheati~g 130.694 lSs/hr o f  9P steam to  165 PSIA and 366'~. 
Excess LP steam i s  condensed and used t o  displace raw water i n  water t reat ing.  
The b o i l e r  feed water pumps supply 866 GPM o f  BFW for  steam generation. 
Drawing 571 -SK-0020 depicts the methane/methanol a1 terna t e  product module 
steam bal  ance. 
The cool ing tower has been sized t o  provide 13,174 GPM of cool ing 
water t o  process users. 
Process condensate from methana t i o n  (74 GPM) and methanol syn the- 
s i s  (5 GPM), b o i l e r  blowdown (41 GPM) and water t rea t ing  sludge (52 GPM) are 
routed t o  the Lurgi  base f a c i l i t y  for treatment. 
The water treatment f a c i l i t i e s  were designed t o  supply 439 GPM 
cool ing tower make-up water and 123 GPM o f  b o i l e r  feed water make-up. I t  was 
assumed fa r  t h i s  study that  80 per cent of the steam condensate would be 
returned f o r  BFW. There i s  a demand f o r  571 GPM o f  raw water import. 
Drawing 571-SK-002C depicts the a l ternate  product module water 
bal ance. 
U t i l i t y  Sumnary 
- 
Table 4-2 sumnarizes the u t i l i t y  requirements of the methane a1 t e r -  
nate product module process and u t i l i t y  uni ts .  
- 
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1 .0 INTRODUCTION 
This report  covers the work done t o  develop two designs for  p lants t o  
manufacture subst l tu te  natural gas (SNG) from coal. This work i s  t o  be 
used by NASA I n  t h e i r  support' o f  the TVA-20,001) TPD* coal gas i f i ca t ion  
project .  Each design covers 8 complete grassroots faci  1 i t y  ; the p lant  
inputs are coal, raw water, and e l e c t r i c  pcwer. The p lant  outputs are 
SNG, medium-BTU gas (MBG), and p r i l l e d  sulfur. 
Each o f  the p lant  designs was based on a d i f f e r e n t  coal gas i f i ca t i on  
technology. One of the plants i s  based on Koppers-Totzek (K-T) technology; 
the other on a combfnatlon c f  K-T and Texaco technology. Each p lant  was 
d i t  ided i n t o  four pa ra l l e l  process modules, each capable o f  handling 
5,000 TPD of coal. 
The designs f o r  the production of SNG from MBG are intended as an 
extension o f  a prevlous contract subtask i n  which prel imfnary estimates 
o f  a l ternate product cost were made for K-T and Texaco facf  l i t i e s .  As 
such, they used the Reference Fact l i t y  Desigrs f o r  these two technologies 
as a s ta r t i ng  point.  These Reference F a c i l i t y  Designs are described i n  
de ta f l  i n  a seperate repor t . l s2  
The overa l l  design approach u t i l i z e d  pa ra l l e l  nodules o f  a capacity 
s u f f i c i e n t  t o  process the MBG from a s ing le  gas i f ica t ion module. Each 
nodule was divided i n t a  process and u t i l i t y  systems. 
For each process system, aval table technologies were f den ti f ied and 
comparative t radeoff  s tudles performed t o  select  the preferred techno1 ogles 
f o r  design. Each system's design was based on published data, engi- 
neering experience and judgement, and design calculat ions spec i f i c  t o  
t h i s  process. 
Cost estimates were based on conceptual level  design estimating 
procedures as described i n  an ea r l f e r  report.3 Cost resu l ts  are 
presented i n  Volume I1 and Volume 111. 
&TPD indicates Tons Per 
2.0 SUMMARY 
The two MBG Upgrading P lan t  designs repor ted here in  each coniprise 
two para1 l e l  ~ o d u l e s  o f  processing systems designed t o  convert  medium- 
BN Sas (300 BTU/SCF) i n t o  SNG (920 BTU/SCF). One of the designs i s  f o r  
a f a c i l i t y  cons i s t i ng  o f  f ou r  MBG modules based on Koppers-Totzek 
technology. The o ther  design i s  f o r  a f a c i l l t y  cons is t ing  o f  one Koppers- 
Totzek and three Texaco modules. Each o f  the  t4BG Upgrading Plants i s  
designed according t o  the TVA F a c i l i t y  Cesign   as is^ and the  guide1 ines 
reported below. 
0 The f a c i l  i t y ' s  t o t a l  capacity,  based on a nomi na l  20,000 
TPD o f  feed coal, i s  
- up t o  100% MBG, o r  
- 50% MBG and 50% SNG. 
a The f i r s t  two f a c i l i t y  modules must be designed t o  produce 
100% MBG, 100% SNG, o r  a mixture o f  bo:h. 
a Any o f  the four  f a c i l l  t y  modules must be capable of feeding 
the MBG Upgrading Plant .  
a The MBG Upgrading P lan t  s h a l l  be in tegra ted  w i t h  the  remainder 
o f  the Coal Gas i f i ca t i on  F a c i l i t y ,  ra the r  than being designed 
as an add-on p lan t .  
The two p a r a l l e l  modules i n  the MBG Upgrading P lan t  cons i s t  of a CO 
S h i f t  Conversion System, an Acid Gas Removal System, and a Nethanation 
System. Table 2.1 sumar izes the r e s u l t s  o f  the design and cos t  work 
presented herein. Table 2.2 describes the q u a l i t y  spec i f i ca t ions  fo r  
the product SNG. 
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Table 2.1 
Study Results 
4 
Cesign #2 
Based on 1 Texaco 
and 
1 K-T Module Each 
To SNG 
6 536.76 x l o 9  
162.71 x 10 
6 122.20 x l o 9  
I 
114.23 x 10 
5 3 8 . 8 0 ~ 1 0 :  I 
156.63 x 10 
2,407.00 x l o 6  
339.00 s lo6  
184.00 x l o 6  
. 
MBG t o  Upgrading P lant  
SCFD 
BTUIDay 
SNG from Upgrading P lant  
SCFD 
BTUIDay 
FBG from Modules 384 
SCFD 
BTU/Day 
Capi ta l  Requirement 1980 
Dol lars - Total F a c i l i t y  
Annual Operating and 
Mai ntenance COS t s  , 1980 
Dol lars - Tota l  F a c i l i t y  
Annual Coal, Cata lys t  and 
Chemicals Ccs t s  , 1980 
Dol lars - Tota l  F a c i l i t y  
Purchased E l e c t r i c J t y ,  KWH 
per Year - Total F a c i l i  t~ 3.6 x 10 
9 2.1 l o 9  
Raw Water Consumpti on 
Gallons per  Year - 
Total Faci 1 it.^ 9.7 l o 9  4.5 l o 9  
Operating S ta f f  - Tota l  
Faci 1 i ty 400 388 
Product P r i  ce 
1980 $/MMBtu 8.02 6.49 A 
Design #1 
Based On 
2 K-T blodules 
To SNG 
6 529.92 x l o 9  
160.84 x 10 
6 114.20 x l o 9  
106.20 x 10 
459.60 x 10; 
140.18 x 10 
2,579.00 x l o 6  
389.00 x l o 6  
184.00 x l o 6  

THE BUM CORPORATION 
I 
I 
3.0 DESIGN BASIS AND APPROACH 
3.1 Background 
I n  order t o  broaden  he potent ia l  markets for  products from t h e i r  
20,000 TPD Coal Ga. i l f lcat ion Fac l l i t y ,  TVA I s  considering the manufacture 
o f  a l ternate  produists w i th ln  the f a c i l l t y ,  uslng the MBG produced i n  the 
f a c i l i t y  as a feedstock. h o n g  the a l ternate  products under consideration 
are SNG, methanol, aasollne and hydrogen. Ea r l i e r  tasks consisted of 
ore1 i m i  nary i nves t i ga t l on  o f  the productlon costs o f  each product using 
K-T and Texaeo, and Lurgi gas l f l ca t ion  technologies. The resu l ts  of 
these tasks have prevlously been r e p ~ r t e d . ~ "  
The studies, referred t o  above, i den t i f i ed  SNG as a product w i th  
a t t r a c t i v e  costs, Since N A  had i d e n t i f i e d  a market for  SNG from the 
f a c i l i t y ,  a deslgn f o r  f a c l l f t l e s  t o  produce t h i s  product, based on the 
already completed Reference F a c i l i t y  Designs, was desirable to  provide 
data t o  TVA concerning requ.rcnents and costs f o r  producing SNG from 
MBG, a t  a leve l  o f  de ta f l  comparable t o  those o f  the Reference F a c i l i t y  
Designs. This deslgn work was therefore performed, i n  l i e u  o f  a previously 
planned design e f f o r t  t o  synthesize a Reference Faci 1 i t y  Design for  two 
gas i f i ca t ion  processes based on both NASA and other N A  contractors'  
conceptual designs. 
I 3.2 Desiqn Basis 
i The design basis f o r  the work done i n  t h i s  study began wi th  the over-a l l  TVA F a c i l i t y  Deslgn  asi is.^ The major points are as fo l l cwr :  0 The overa l l  f a c i l i t y  feed i s  Kentucky No. 9 bituminous 
I coal, w i th  design provislons f o r  handling up t o  f i ve  
I percent North Alabama coal. The t o t a l  capacity of the 
b f a c i l i t y  i s  20,000 TPD t o  the gasi f iers.  
e The f a c i l i t y  deslgn i s  structured as four para l le l  
modules, each w i th  a nominal design capacity of 
i 
i 
approximately 5000 TPD of coal t o  the gas i f ie r .  
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0 Sul fur  I s  recovered f o r  sale Ir p r l l l e d  form. Ash 
I s  d l  sposed on-site. 
8 MBG from the f a s l l l t y  sha l l  have a maxlmum su l f u r  
content o f  200 ppmv and a mlnlmum higher heating 
value of 285 BN/SCF. 
As a r e s u l t  o f  e a r l l e r  process tradeoff studles .8 the Pol lowlng 
add1 t lona l  bases here Incorporated I n to  the deslgns for  the MBG Upgrading 
Plants: 
e The f a c l l l t y  Is deslgned f o r  a zero l l q u l d  discharge 
t o  the nearby Tennessee Rfver o r  t o  underground water 
suppl les. 
Onsl t e  staam shal l  not be generated by the combustion 
o f  coal I n  t o l l e r s .  
0 E l e c t r l c l t y  from the 'WA g r i d  i s  used t o  supply a l l  
p lan t  prlme mover power requirements above tha t  whlch 
can be suppl fed by s t e m  whlch I s 
- generated from process waste heat 
- superheated I n  an MBG f l  red superheater. 
In t h e l r  plennlng f o r  the 20,000 TPD Coal Gas i f ica t ion Project, N A  
I s  considering two scenarios f o r  p lan t  design and construction. The 
f i r s t  s f  these envisions the employment o f  four  iden t i ca l  modules u t i l i z i n g  
the Koppers-Totzek gas l f l ca t lon  process. The second scenario uses the 
Kcppers-Totzek process I n  the f l r s t  module, then switches t o  the Texaco 
process f o r  the other three, TVA desires tha t  the f a c i l i t y  have the 
capab i l i t y  o f  producing between 50% and 100% o f  I t s  t o t a l  output as MBG, 
and between 0 and 50% as SNG. The f l r s t  two modules, i n  add1 t ion,  must 
together be capable o f  producing e i t he r  100% SNG, 100% MBG, o r  any 
mixture o f  both. When a l l  four MBG modules are complete, any module 
must be capable o f  feedlng the MBG Upgrading Plant. 
1 
t 
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3.3 Approach 
Table 3.1 contains a design task t h e t  b e ~ a n  w i t h  the already- 
completed Reference F a c i l i t y  ~ e s i ~ n s .  lv2 These designs were examined 
fo r  i n teg ra t i on  p o s n i b i l i t l e s  i n  the l i g h t  of other  previous analyses of 
SNG as an a1 te rnate  product from K-T and Texaco g a ~ l f i c a t i o n . ~  T ie  
exam! nat ion  revealed t h a t  the major calldidate f o r  system i ntegra t lon  bas 
System 4, Acid Gas Removal. The manafacture o f  SNG requires a methanation 
ca ta l ys t  which has 1 i t t l e  o r  no s u l f u r  tolerance, therefore e s s e n t i a l l y  
complete removal o f  a l l  s u l f u r  compounds i s  rrequirr . upstream of the 
Methanation System. For t h i s  reason, the Acid Gas Removal Systems i n  
the Reference F a c i l  i t y  Designs, which had been designed fo r  a 20C ppmv 
t reated gas s u l f u r  concentratf on, were replaced by sys terns designed fo r  
a maximum treated gas s u l f u r  concentration o f  1 ppmv. The remainder of 
the s u l f u r  removal was designed t o  be done i n  the Methanation System. 
Because o f  the requirement tha t  each module be capable of feeding the 
MBG Upgrading Plant,  a l l  o f  the Acid Gas Removal System i n  the f a c i l i t y  
were replaced. Other than the Steam System, i n teg ra t i on  of other  sys- 
tems between the MBG Faci l l t y  and the Upgrading Plant  was purposely 
minimized t o  a l low f o r  the  MBGISNG f l e x i b i l i t y  desired by TVA. 
Tradeoff Studies 
Process t radeo f f  s tudies had been performed e a r l i e r  t o  es tab l i sh  
process choices f o r  the following p l a n t  systems: 
a GO S h i f t  
a Acid Gas Removal 
a Methanation 
a Raw Gas Compression 
Br ie f i ngs  have been presented t o  NASA discussing the r e s u l t s  of 
these process t r a d e o f f s e a  Tables 3.2 through 3.5 g ive  the  r e s u l t s  of 
the t rade-o f f  studies as reported a t  these br ief ings.  
S ~ n e  modi f icat fons t o  the conclusions presented a t  the b r i e f i n g s  
were made; these concerned CO s h i f t  and methanatlon. For CO s h i f t  , a 
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Table 3.1 
Smary o f  Design Approach 
2. f r adeo f f  studies 
a Select high- temperature Co-Mo s h i f t  c a t a l y s t  
b e  Select Rect iso l  f o r  AGR System 
c. Select Cold Recycle Methanation 
d. Place K-T Raw Gas Compression ahead o f  CO s h l f t .  
3. Do energy and i r a t e r i a l  balances f o r  CO s h i f t  and methanation systems. 
Use process s ln iu lat ion t o  es tab l i sh  heat exchanger canf igurat ions and 
duties. 
4. Size equipment i n  CO s h l f t  and methanation systems. 
5. Define Rect i  so l  system mate r ia l  balance and in ter faces.  
6. Prepare process f l ow  diagrems f o r  CO s h i f t  and methanaticn systems. 
7. Define u t i l i t y  and operat ing requirements fo r  MBC Upgrading Plant.  
8. Define incremental cap1 t a l  and operat ing costs fu r  I I B U a c i l  i t y  
a t t r i b u t a b l e  t o  the  ClBG Upgrading Plant.  
9. Define incremental cap1 t a l  and operat ing costs fo r  MBC Upgrading 
Plant. 
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Fluor  deslgnl@ s i m i l a r  t o  t h a t  employed by Oraunl' was used as a s t a r t i t ~ g  
po in t  due t o  team members ' f a n ~ i  1 i a r i  t y  o f  the process w i  t h  i t s  design 
basis. No significant d i f fe rence between t h l s  deslgn and the  Braun 
deslgn was observed. Both designs employ COS hydro lys ls  on the  bypass 
gas, and a high- temperature c o t a l  t-molybdate s h i f t  converslon c a t a l y s t  . 
A 1  though the  methanation scheme reconvnended I n  the process t radeo f f  
studles was a ho t  recyc le  methanatlon schere, the co ld  recyc le  scheme 
(see Table 3.4) i s  somewhat s i c p l e r  and I s  approximately equal i n  c a p i t a l  
cost. The v i r t u e  o f  the  hot recycle scheme i s  t h a t  I t  r e s u l t s  I n  a 
higher expor t  o f  h igh  pressure steam than the co la  recyc le  scheme. 
However, t h i s  steanr must be superheated i n  an F1BG-fl red  superheater, 
which may reduce i t s  value as an exportable product. A co ld-recycle 
scheme based on a previous Fluor  study1' was selected 8s the basis f o r  
the design work I n  t h i s  study because;(l) i t  had been performed by tern 
members, and; ( 2 )  I t provided s p e c i f i c  design and s i z i n g  data tha t  could 
be used t o  specify the i nd l v ldua l  equipment Items I n  the u n i t .  
Because o f  the str ingency o f  the s u l f u r  removal requirement, the 
Rect iso l  process was selected over SELEXOL, even though COS hydro lys is  
was e ~ p l o y e d  I n  the  s h i f t  conversion system. This ex t ra  measure of 
conservatfan w i l l  no t  have a major inipaet on the o v e r a l l  p l e n t  cost .  
The Acid Gas Renloval design was based on an in-house Rect iso l  design 
done f o r  a Lurg! SNG plant .  It was adjusted t o  account f o r  the non-use 
o f  C02 as a pressur iz ing  gas i n  the K-T and Texaco g a s i f l c a t l o n  process 
(no l ock  hoppers are used i n  these processes) and fo r  the e l im ina t i on  
o f  a naphtha prescrubblng sec t ion  ( there  i s  no naphtha i n  the  MBG from 
these two processes). The deslgn i s  a se lec t i ve  conf igura t ion  which 
produces an a c i d  gas r i c h  enough i n  H2S t o  use as the Claus p l a n t  feed, 
and a waste C02 stream su i tab le  f o r  vent lng. It was assumed f o r  t h f s  
study t h a t  there woula be no impact on System 5, Sul fur  Recovery and 
T a l l  Gas Cleanup, because o f  the increase i n  s t r lngency of s u l f u r  
Table 3.2 
S h l f  t C o n v e r s i o n  
E v a l u a t i o n  8 D e c l s i o n  
e EVALUATION 
- IRON-CHROME CATALYSTS HAVE APPROXI14ATELY THE SAME COST AS COLBALT-MOLY; 
PARTIAL DEACTIVATION OF IRON-CHROME OFFSETS I T S  LOWER COST PER POUND. 
- COBALT-MOLY CATALYSTS OFFER TME POSSIBILITY OF COS HYDROLYSIS WHICH 
CAN LOWER AGR COSTS. 
- DESIGN DONE BY TUV.1 MEMBERS USING CO-MO I S  AVAILABLE FOR THIS STUDY 
(BRAUN FE-2240-31) . 
DECISION 
- USE COBALT-MOLY CATALYST IN BRAUN DESIGN CONFIGUWTIO~: FOR sn1n 
CONVERSION. 
T a b l e  3.3 
Acid Gas Rmaval E v a l u a t i o n  8 D e c i s i c n  
@ PREVIOUS TEAM STUDIES (FE-2240-49) HAVE SHOWN THAT 
- ATTRACTIVENESS OF PROCESSES VARIES WITH PARTIAL PRESSURE OF ACID GAS I N  
F t t U .  
- AT PRESSURES NEAR THOSE OF THIS STUDY (600 PSIG) PREFEREKE I S  BENFIELD, 
SELEXOL , RECTISOL. 
- COMPRESSION OF GAS PRIOR TO AGR I S  ATTRACTIVE. EXTRA COST OF COMFRESSIOII 
I S  MORE THAI4 OFFSET BY REDUCTIONS II: COST OF PHYSICAL SOLVENT. 
- FOR SULFUR REI'3VAL FRDM HIGH-SULFUR COAL GAS, SELECTIVE AGR I S  PREFERRED. 
- BENFIELD W D  SELEXOL HAVE PROBLEPS NHICH MAY L I N I T  TREIR ABIL ITY TO GET 
TO <1 PPhT TOTAL SULFUR. 
DECISION 
- FOR 2 0 0  PPMV SULFUR 114 TREATED GAS. USE SELEXOL (BENFIELD HAS FORHATE 
PROBLEt4S). 
- FOR <I PPHV SULFUR I N  TREATED GAS, USE RECTISOL UNLESS A PROVEN CGS 
HYDROLYSIS CF.TALYST CAN BE FOUHD. I N  THAT CASE SELEXOL LOOKS SLIGHTLY 
- 7  - - - 
HORE -ATTRACT I VE . 
- SOLFINOL HAS LOOKED ATTW.CTIVE Ill PAST STUDIES AtlD SHOULD BE ItlVESTIGRTED 
WHEN KORE DETAILED DESIGN WORK I S  DONE. 
Table 3.4 
M e t h a n a t i o n  E v a l u a t i o n  & D e c i s i o n  
a EVALUATION 
- HOT RECYCLE FIXED-BED METHANATION USES COI(P4ERC IALLY AVAILABLE 
CATALYSTS AND EQUIPHENT (EXCEPT POSSIBLY HOT RECYCLE COHPRESSOR) 
AND RECOVERS MORE HIGH-LEVEL ENERGY THAN OTHER SCHEMES. 
- CAPITAL COST DIFFERENCES BETMEEN HOT AND COLD-RECYCLE METHANATORS 
I S  NOT SIGNIFICANT. 
- DESIGN DONE BY TEA& MEMBERS (FE-2240-31) I S  AVAILABLE FOR USE AS A 
STARTING BASE. 
a DECISION 
- USE COLD RECYCLE METHANATION SCHEME. 
(DUE TO SMALL DIFFERENCES BETWEEN SYSTEMS AND TEAM'S FAMILIARITY 
WITH PREVIOUS DESIGNS ) 
T a b l e  3.5 
Compress ion  & D r y i n g  
E v a l u a t i o n  & D e c i s i o n  
- COMPRESSORS MAY BE LOCATED AT SEVERAL PLACES 
ADVPATAGES DISADVANTAGES 
- AHEAD OF AGR LOWERS AGR COST MUST COMPRESS SOUR 
GAS AND C02 
- BETWEEN AGR AND HETHANATION LWERS METHANATION COMPRESS H2+C0 NOT 
COST. LESS GAS TO CH4 
CUMPRESS AFTER C02 
REMOVAL 
- AFTER METHANATION COMPRESS 1/2 VOLUME 
OF GAS 
- DRYING I S  A LOW-COST SYSTEM AND NEEDS TO BE THE LAST IN THE GAS PURIFICATION 
TRAIN. 
e DECISION 
- FOR IIETHANE, COMPRESS TO 6 0 0  PSIG AHEAD OF AGR, M E N  COMPRESS TO 1000 PSIG 
AFTER METHANATION. 
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CO S h i f t :  System 20A 
Using the  assumption of a 50°F approach t o  e q u i l i b r i  um, the  quan t i t y  
of CO requ i red  t o  be sh i f t ed  t o  achieve an HJCC r a t i o  of 3.1, i n  the 
L 
t o t a l  gas feeding the methanation system was calculated.  From t h i s ,  the  
bypass gas quant i  ty was ca lcu la ted  and the  ma te r ia l  balance defined f o r  
the streams i n  the s h i f t  c o n v e r s i ~ n  system. 
The process s imu la t ion  program was run  t o  define enthalpy curves 
fo r  the various process streams i n  the systetr. The heat exchange t r a i n  
was then designed t o  preheat the i n l e t  gas, cool the e f f l c e n t ,  and 
recover t he  heat of reac t ion  as steam. Based on space v e l o c i t i e s  from 
the data base1' and heat t r a n s f e r  design parameters ava i l ab le  in-house. 
the i n d i v i d u a l  equipment items i n  the CO s h i f t  system were rough-sized 
t o  de f ine  the necessary parameters fo r  equipment cost ing. Fol lowing 
the design o f  the  system, an equipment l i s t  and process flow diagrams 
were prepared. 
Acid Gas Removal : System 4 
The mass balance fo r  the Rect iso l  system was ca lcu la ted  based on 
the  percentage r e ~ o v a l s  used i n  the reference design. This al lowed the 
establishment o f  design parameters which were ra t i oed  t o  the  corresponding 
elements i n  the reference design t o  develop factors f o r  p r o r a t i n g  
u t i l  i t i e s  consumption. As discussed e a r l  i e r ,  both the reference system 
design and c a p i t a l  investment were adjusted. This was made poss ib le  
because the  i n d i v i d u a l  equipment items were costed i n  d e t a i l  i n  t h i s  
design and t h e i r  u t i l i t i e s  consumpr.?otis i d e n t i f i e d  as t o  u t i l  i z a t i o n  
w i t h i n  t h e  system. 
The cos t  of the f a c i l i t y  was estimated by an exponential  cos t  
capaci ty  re la t ionsh$p,  w i t h  the capacity parameter being the  t o t a l  moles 
s f  ac id  gas removed; and the capacity exponent se t  equal t o  0.6 based 
on previous experience w i t h  such un i ts .  
Me thana t i on : Sys tern 208 
I 
Since the refetoence design For the methanation sys tem c a l  l e d  fo r  
an operatf  ng pressure o f  approximately 300 ps ia  , the possi b i l  i t y  e x i  sted 
t o  operate the  MBG upgrading p l a n t  w i t h  an i n l e t  NBG pressure of l ess  
than 600 psia. This could have been done by e l i m i ~ a t i n g  one of the raw 
gas compression stages i n  the K-T System 7, compression, o r  by operat ing 
the Texaco ga: i f i e r s  a t  lower pressure. To s i m p l i f y  the design task 
and t o  provide f o r  maximum in te rchangeab i l i t y  and f l e x i b i l i t y  i n  the 
f a c i l i t y  design, i t  was decided t o  leave the  KBG F a c i l i t y  design i n t a c t ,  
and t o  employ a hat gas expander i n  the methanation system t o  recover 
the pressure energy o f  the  i n l e t  gas. The energy thus recovered i s  used 
t o  d r i v e  the recyc le  gas compressors which discharge a t  a pressure of 
1015 ps ia  a t  t he  p l a n t  ba t te ry  l i m i t s .  The use o f  h igher  pressure 
methanation i s  subject  t o  commercial demonstration of a methanation 
c a t a l y s t  a t  t h a t  pressure. The pressbre l e v e l  used i n  the study appears 
t o  be consis tent  w i t h  l e v e l s  a t  which commercial methanation ca ta l ys t s  
have been demonstrated. 
The methanation reac t i on  y i e l d s  were estimated based on those shown 
i n  the reference design, and a mater ia l  balance was then prepared based 
on these y i e l d s .  Using the process s imulat ion program, enthalpy curves 
were developed f o r  the  i n t e r n a l  process streams, and a heat exchanger 
network was developed t o  ra i se  s tem,  preheat the feed gas, and cool the 
e f f l u e n t ,  A pressure p r o f i l e  was estimated f o r  the system and the 
process s imulator  was used t o  compute horsepower f o r  the expander, 
recyc le  gas compressor, and product gas compressor. 
A t race s u l f u r  removal system using z inc  oxide was inc luded ahead 
o f  the methanation reactors and a product gas dry ing  system was speci- 
f i e d  f o r  the  cooled compressor discharge gas. The bases f o r  these two 
designs are found i n  Reference 11. 
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Following the establishment o f  the equipment conf lgurat ion and 
energy/materlal balance, the equl pment was rough-sized us1 ng design 
parameters from the reference desfgn and In-house experience. As w l th  
the CO s h i f t  system, equipment 1 l s t s  and process f low diagrams were 
prepared 
U t 4 1 i ty Sys tern Impacts 
A f t e r  the ind lv ldua l  MBG upgrading p lan t  systems were designed, the 
system u t l l i  t i e s  requirements were to ta led and reduced t o  net values t o  
determine t h e i r  impact on the NBG f a c i l l  ty. As stated ea r l i e r ,  the 
primary impacts were I n  System 15, Steam Gsneration/Distr i  bution, and 
System 18, Waste Water Treatfrent. Capital and operating costs for these 
systems were recalculated based on these incr  cmental Impacts. 
THE BOM CORPORATION 
4.0 DISCUSSION 
This sect ion presents a dlscusslon o f  the  two KBG upgrading p lan t  
designs r e s u l t i n g  from the study task. The c o n f i y ~ r r a t t o n  o f  the designs 
i s  such t h a t  i t  i s  more i l l u s t r a t i v e  t o  describe f i r s t  the individual 
modules associated w i t h  K-T and Texaco gas l f i ca t l on ,  and then 
t o  show how the combination o f  modules i n  each design impacts the 
remainder of the KBG f a c i l l t y .  
4.1 Ko~pers-Totrek MBG Upsredins Rodule Process Descr ipt ion 
The MBG upgrading module consists of : 
a System 7, Compression 
m Sys tern 20A, CO S h i f t  
a System 4, Acid Gas Removal 
System 208, Methanation. 
Drawing 57-02 I s  a block f low diagram showing the arrangement of 
these systems w i t h i n  the module. Table 4.1 presents the module mater ia l  
balance f o r  the Koppers-Totzek SNG module. 
System 7: Compression 
The conf igura t ion  o f  t h i s  system, as a r e s u l t  of the tradeoff 
analyses, was l e f t  as i t  i s  i n  the K-T Reference Fac i l  i t y  Design. The 
system consists o f  two stages o f  a x i a l  compressfon followed by two 
stages o f  cen t i  f u ~ a l  compression. For one module, approximately 11 ,E9  
MMSCFH o f  cooled raw gas from System 3, Gas Cleanup and Cooling, i s  
compressed from 14.9 ps ia  t o  about 700 psia. The t o t a l  compressor 
horsepower required i s  about 84,400 H?. 
System 20A: CO S h i f t  
Grawing 57-06 i s  a process f low diagram o f  t h i s  sirstem. Table 4.2 
contains the  associated mater ia l  balance. 29,083 moles per  hour of raw 
gas from System 7, Conipression enters the CO s h i f t  qystetn a t  690 psia, 
100°F. Approximately 25 percent o f  the i n l e t  gir . . a bypassed around the 
s h i f t  conversion step, passing instead through COS hydrolys is .  The 
quant i ty  c f  bypass gas i s  con t ro l l ed  CLJ an H2/C0 r a t i o  analyzer 
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Tab1 e 4.1 (Continued) 
Material Balance 
Koppers-Totzek Process 
Integrated SNG/Mcdule Def i r i i  tion 
S T W  NUMBER 
STREW I D  
Table 4.1 (Continued) 
Material Balance 
Koppers-Totzek Process 
Integrated SNGIModule Definition 
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GPM I 
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I n s t a l l e d  on the coniblned o u t l e t  gas stream going t o  System 4, Rcld Gas 
Removal. This analyzer operates a bypass f low c c n t r o l  valve which 
maintains the  H2/C0 r a t i o  i n  the  e f f l uen t  gas a t  3.1. 
The gas whlch I s  t o  be s h i f t e d  passes f f r s t  through 90-E-5, I n  
which I t  I s  heated t o  310°F agalnst  s h l f t  conver ter  e f f l u e n t  gas. T1.e 
preheated gas I s  then mixed w i t h  735 pslg, 700°F superheated steam t o  
r a f  se the steam-to-dry gas r a t i o  t o  1 .C8. The temperature o f  the mixed 
gas stream i s  a lso ra i sed  t o  560°F as requ i red  f o r  i n l e t  t o  the s h i f t  
converter. 
The gas nex t  passes through 90-V-1, CO s h i f t  reactor .  This i s  a 
spher ica l  reac to r  conta ln lny a' f ixed bed o f  cobal t -mol jbdate ca ta l ys t ,  
o f  approximately 24,400 cubic f e e t  I n  volume. Here, the CO s h i f t  
r e a c t f  on takes place. 
1 
I 
I CO * H20 t C02 + HZ 
L . 
1 A 50°F temperature approach t o  equ i l i b r l um has been assumed. This 
I r e s u l t s  i n  a CO conversi.on c f  85.5% based on reac to r  feed. For the 
I 
I purposes o f  t h i s  design it' has. a lso .been assumed t h a t  the COS hydro lys is  
1 r eac t i on  occurs over the ca ta lys t .  
COS + H20 t C02 + HpS i I 
A 50°F approach t o  equ l l i b r l um has been assumed. A t  the o u t l e t  tempera- 
t u r e  of the s h l f t  converter, t h i s  ~qr responds t o  a 93.7 percent conver- 
s ion  o f  COS based on s h i f t  r eac to r  feed. 
The exothermtc s h l f t  and hydro lys is  reac t ions  cause the s h i f t e d  Gas 
t o  leave the reac to r  a t  about 911°F. The gas i s  cooled i n  a ser ies of 
she1 1 -and-tube heat exchangers s u m a r i  zed i n  Table 4.3. In these 
exchangers, the s h l f t  r eac t l on  heat i s  recovered as useful energy i n  tbe 
form o f  superheated steam whlch i s  exported t o  System 15, Steam Generatiori 
end D i s t r i b u t i o n .  
4 
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Table 4.3 
CO S h i f t  E f f l u e n t  Cool lng T ra ln  
I TEN 
NUMBER 
I 
E -1 
E-2 
Em3 
E -4 
E-5 
E -6 
EA-1 
A i R  COOLER 
E-7 SH I F'i EFFLUENT 25 x l o6  10 
TRIM COOLER 
E-8 HYDRCLYSIS 8.7 120.9 60 1199 
FEED/EFFLUENT 
EXCHAiIGER 
EA-2 HYDRCLVSIS 21.3 105.6 100 201 7 
EFFLUENT 
AIR COOLER 
E-9 HYDROLYSIS 3.5 10 eo 4375 
EFFLUENT 
TRIM COOLER 
M M E  
HP STEAM 
SUPERHEAT 
EXCHANGER 
HP STEAM 
GENERAT OR I 1  
HP BW 
PREHEATER f 1 
HP BFW 
PREHEATER #2 
SHIFT FEED 
PREHEAT 
EXCHANGER 
65 PSIA 
STEM 
GENERATOR 
SH! FT EFFLUENT 
DUN 
106 BTU/HR 
33.4 
166.6 
62.2 
75.0 
34.4 
225 X l o6  
310 X l o 6  
EFF. 
AT 
OF 
265.6 
136.0 
98.5 
94.6 
182.0 
101 .O 
126.5 
U 
60 
120 
80 
eo 
100 
120 
100 
AREA 
F T ~  
2096 
10208 
7893 
991 o 
1890 
18564 
24506 
The s h i f t  bypass gas I s  preheated t o  250°F i n  90-E-8, Hydrolysls 
Feed/Eff luent  Exchanger, against the hydrolysl s reactor e f f luent .  Then. 
735 psig, 700°F steam I s  in jec ted t o  br ing the steam-to-dry gas r a t i o  i n  
the hydrolysis reactor feed t o  approximately 0.2 and the reactor  I n l e t  
tmperat:tre t o  320°F the same as I n  the reference desfgn.10 A t  t h i s  
temperature, the conversion o f  COS I s  calculated t o  be about 99.2% based 
on reactor feed. Because o f  the small amount o f  COS te ing hydrolyzed, 
the temperature r i s e  i s  only about 1 degree F. 
90-V-2, the COS hydrolyzer, I s  a spherlcal reactor f i l l e d  w l th  575 
cubic fee t  o f  catalyst .  I t  I s  assumed f o r  the purposes of t h i s  study 
t h a t  a ca ta lys t  f o r  t h i s  source i s  cmmer:ial ly available; although t h l s  
has not y e t  been demonstrated. The Muscle Shoals demonstration p lant  
contalns a CCS hydrolysis cata lys t  which may be sui tably demonstrated i n  
the near future. Although the operating conditions f o r  t h i s  ca ta lys t  
are  somewhat d l f f e reo t  from those used i n  t h i s  study12, the overa l l  
p lan t  design and economics a r e  not expected t o  be mater ia l ly  affected by 
t h i s  difference. 
A f t e r  leavlng 90-V-2, the reactor e f f l uen t  i s  cooled by preheating 
feed gas i n  90-E-8, and i s  fu r the r  cooled t o  100°F i n  90-EA-2, Hydrolysis 
E f f luen t  A i r  Coo?er, and 90-E-9, Hydrolysis Ef f luent  Trim Cooler. The 
gas i s  then mixed w l th  the cooled s h i f t  e f f l uen t  gas and flows t o  System 
4. Acid Gas Removal. 
System 4: Acid Gas Removal 
The purpose o f  th fs  system i s  to:  
8 Remove su l fu r  compounds from the process gas t o  a t o t a l  
concentration o f  1 ppmv o r  below. 
8 Remove Cop from the process gas t o  a concentration cf 
approximately 0.5 mole percent. 
The prccess used i s  the Rectisol process, 1 icensed by Lurgi . The 
design used f o r  t h i s  study i s  based OII a published c'eslgn. 13 
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The Rectisol process uses nethanol t o  accompl l sh  the desired removal 
o f  acld gases. As deslgned f o r  t h l s  appl lcat ion,  the fo l lowing seven 
subsystems would be included I n  the design: 
0 GasCoollng 
0 Methanol Recover 
0 GasPur i f lca t ion 
e F l  ash Regeneraticn 
0 HpSConcentratlon 
Hot Regeneration 
Refr lgerat lon 
Drawing 57-09 i s  a representation of the Rectlsol System. 
The in terna l  de ta i l s  o f  stream flows, temperatures, and pressures 
a re  propr ietary and were not calculated f o r  t h i s  design. As mentioned 
ea r l i e r ,  t h i s  deslgn was prorated from the refercnce design on a system 
leve l .  
The purpose of the gas cool ing subsystem i s  t o  cool the raw i n l e t  
gas from 100°F t o  subzero temperatures. This i s  accomplished I n  a 
ser ies o f  she l l  -andotube heat exchangers. Part of the water present I n  
the  i n l e t  gas condenses i n  these exchangers and i s  sent t o  the methanol 
recovery susbystem. The cooled gas i s  sent t o  the gas pu r i f i ca t i on  
subsystem. 
The methanol recovery subsystem i s  used :o separate the water con- 
densed from the i n l e t  gas from the methanol solvent. There i s  some 
question as t o  whether t h l s  system i s  needed i f  no condensable 1 i gh t  
hydrocarbons are present i n  the i n l e t  gas, However, to  provide some 
c~~nservat ism i n  the cost estimate, i t  has been retalned, 
The gas pc;ification subsystem i s  where the H2S, organic su l fur  
compounds, and most o f  the C02 are removed from the gas hefore the gas 
i s  sent t o  System 208, tlethanation. The cooled gas from the gas cool ing 
subsystem f l r s t  enters the prewash section o f  the H2S Absorber, where i t  
i s  washed w i t h  a small stream of cold methanol t o  remove wganlc su l f u r  
compounds. The 1 i qu id  from the prewash section, containing water 
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THE BDM CORPORATION 
condensed f r o n  the gas i n  t he  gas c o l i l i n ~  subsysten!, flovrs t o  the methanol 
recovery subsystem. The prewashed gas enters the  top sec t ion  c f  the t12S 
- 
Absorber where the HES i s  absorbed. The methanol f o r  t he  absorpt ion 
step comes f r o n  the C02 Absorber, pumped through a r e f  r i gerant-cool ed 
heat exchangerq. The r i c h  methanol from the  base of t he  upper sect ion cf 
the H2S Absorter f lows t o  the  f l a s h  regeneraS;ion subsystem. The over- 
head gas from the H2S Absorber f lows t o  the  COi Absorber. 
Treatment i n  the  t rayed CC2 Absorber i s  done i n  3 steps. I n  the  
bottom sec t ion  o f  the  t o w r ,  the heat o f  absorpt ion c f  the C o p  i s  
removed by a pump around cooler.  I n  t he  middle sect1 an, the bul  k o f  the  
CO, i s  removed by countercurrent contact  w i t h  f l a s h  regenerated methanol 
L 
frcm the  f l a s h  regenerat ion subsystem. I a  the top sect ion, the f i n a l  
amounts o f  s u l f u r  compounds and Cop are removed by countercurrent  
contact w i t h  lean methanol suppl i e d  from the  h o t  regenerat ion subsystem. 
Kich methanol, i n  excess o f  t h a t  needed t o  supply the H2S Absorber, 
flows t o  the  f l a s h  regenerat ion sutsystem. The t rea ted  gas leav ing  the  
top o f  the C02 Absorber i s  reheated by coo l ing  the inccming gas i the 
Gas cool ing subsystem, a f t e r  which i t  f lows t o  System 208 ,  Methanation. 
I n  the f l a s h  regenerat ion subsystem, l i g h t  gases are recovered from 
the H2S r i c h  methanol, and C02 r i c h  methanol f rcm the C02 Absorber i s  
p a r t l y  regenerated f o r  use i n  the  middle sec t ion  of the  C02 Absorber. 
Flash ,US from tl-s HpS r i c h  methanol i s  recompressed and recycled t o  the  
i n l e t  gas stream. The C02 r i c h  methanol i s  f lashed i n  several steps. 
Vacunm blowers compress vacuum f l a s h  vapors which are then vented t o  the 
atmosphere. The f lashed frethano1 n o t  recycled t o  the C02 Absorber i s  
f s d  t o  the  H2S concentrat lon subsystem. 
The H2S concentrat ion subsystem separates C02 from the  H2S r i c h  
methanol stream, so t h a t  t he  H2S concentrat ion i n  the ac id  gas feeding 
the s u l f u r  recovery system w i l l  be as h igh  as possible, hopefu l l y  
between 25 and 5C volume percent. 
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I n  t h i s  subsystem, flashed H2S r i c h  methanol enters the lower pa r t  
of tfle top sect ion c f  the Reabsorber where i t  i s  flashed. The l i q u i d  
from t h i s  "cold f lash"  I s  pumped through a she l l  and tube exchanger 
where i t  i s  heated against hot regenerated methanol and returned t o  the 
tower t o  be f lashed again. The l i q u i d  from t h i s  "warm f lash" i s  pumped 
through a second exchanger bitere i t  I s  heated a second time against hot 
regenerated methanol and returned t o  the tower t o  be flashed a t h i r d  
time, 
The gases from the three flashes r i s e  i n  the tower and are washed 
i n  the top rec t ion  o f  the tower by flashed C02 r i c h  methanol from the 
flash regenerat icn subsys tern. The was h i  ng reabsorbs any f 1 ashed hydrogen 
su l f i de  and p a r t  o f  the carbonyl su l f ide .  I n  the l i q u i d  leaving the 
bottom o f  the Reabsorber the dissolved gas i s  up t o  50 volume percent 
H2S This l i q u l d  i s  pumped t o  the hot  regeneration subsystem where the 
acdd (Claus) gas i s  st r ipped from the methanol. 
An ext ra  connection from the acid gas l i n e  t o  below t r a y  one I n  the 
Reabsorber i s  provided t o  permit production o f  acfd gas o f  about 50 
volume perce;: HpS even when the su l fur  content of the mixed gas i s  
lower than expected. Overhead gas from the Reabsorber, r i c h  i n  C02, 
i s  vented t o  the atmosphere. 
The purpose o f  the hot  regeneration subsystem i s  t o  s t r i p  the 
carbon d i o x l  de, non-methane hydrocarbons, hydrogen su l f i de  and carbonyl 
suff  ide from the methanol. I n  doicg so the methanol i s  regenerated and 
the ac id  gas f o r  System 5, Sul fur  Recovery, i s  produced. 
The methanol containing the acid gas enters the Hot Regeneretor 
a f t e r  being heated i n  a she l l  and tube exchanger against hot  regenerated 
methanol. In the Hot Regenerator, the dissolved gas i s  st r ipped by 
vapors produced I n  a steam-heated Reboller plus methanol vapors from the 
methanol recovery subsys tern. 
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The methanol vapor leaving the top o f  the column i s  condensed out  
o f  t h e  gas I n  a ser ies  o f  s h e l l  and tube exchangers. The co~densed 
methanol a c c u ~ u l a t e s  i n  the r e f l u x  coaparttrent of the tower and i s  
pumped back t o  the top o f  the Hot Regenerator. 
Par t  o f  the essen t ta l l y  gas f r e e  h o t  regenerated methanol leaving 
the  bottom o f  the  tower i s used as a r e f  1 ux i n  the  methanol recovery 
subsystem. The remainder i s  exchanged w i t h  the h o t  regenerator feed 
and the i n te rs tage  l l q u l d s  i n  t he  Reabsorber and f u r t h e r  punlped t o  the  
CG2 Absorber. 
System 208: Methanation 
Drawing 57-05 i s  a process f low diagram o f  t h i s  system. Table 4.4 
contains the  associated mater ia l  balance. 26,089 moles per  hour of 
t r ea ted  gas from Systerc 4, Acid Gas Removal, enters the methanation 
system a t  100°F, 545 psia. The gas i s  f i r s t  preheated t o  750°F by 
exchanpe w i t h i n  9 2 4 - 2 ,  Expander Feed Preheat Exchanger ho t  methanator 
e f f l u e l t t .  It i s  then l e t  down t o  282 p s i a  i n  92-EX-1, Feed Gas Expander, 
which generates a tou t  13,100 HP. The expanded gas f i r s t  passes through 
92-V-1, G ~ a r d  Vessel Package. This package cons is ts  o f  two v e r t i c a l  
vessels each conta in ing a bed o f  z inc  oxide. The z inc oxide absorbs 
t races  o f  s u l f u r  compounds whfch remain i n  the f resh  feed gas. The 
vessels are arranged i n  series, w i t h  p i p i n g  and va l v ing  provided such 
t h a t  e i t h e r  vessel may be placed f i r s t  I n  l i ne ,  and such t h a t  one vessel 
may be taken o f f l i n e ,  and the  z inc  oxide replaced wh i l e  the o ther  vessel 
i s  i n  service. The s u l f u r - f r e e  f resh  feed i s  mixed w i t h  iriethanator 
recyc le  gas a t  a recycle/feed molar r a t i o  o f  5:1. The mixed gas temperature 
can be c o n t r o l l e d  by bypassing p a r t  o f  the  gas around 92-E-5, Recycle 
Gas Preheat Exchanger, o r  by bypassing some of the  f resh feed around the 
Feed Gas Expander. 
The t o t a l  feed gas, a t  e temperature c f  547OF and an HZ/C@ r a t i o  o f  
3.34, then enters 92-V-2, Methanation Reactor. This vessel contains 
about 3000 cubic f e e t  o f  a n i c k e l  c a t a l y s t  which promotes the methanation 
of carbon c x i  des : 
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Table 4.4 (Continued) 
Material Balance 
Koppers-Totzek SYG Module 
Methanation Unit  
STREAM ID 
Table 4.4 (Continued) 
Material Balance 
Koppers-Totzek SNG Module 
Methanation U n i t  
STREM NUMBER 
STREM ID 
-- 
SYWBDL FORMULA WEIGHT 
Table 4.4 (Continued) 
Mater ia l  Balance 
Koppers-Totzek SNG Module 
Methanation U n i t  
STREAM NUMBER 
STREAM I D  
Tab1 e 4.4 (Concluded) 
Material Balance 
Koppers-Totzek SNG Nodule 
Methanation Unit  
STREAM NUNBER 
STREAn ID 
I 
t THE BDM CORPORATION 
The ca lcu la t ion o f  rrethanatlon y ie lds  I s  based on the reference design. 10 
The operating condit ions i n  the system were chosen t o  c lose ly  match 
those o f  the reference design. 
The reactions shown above are exothermic, such tha t  the ef f luent  
gas from the reactor  i s  a t  873°F. The gas i s  cooled i n  a series of 
she l l  and tube heat exchangers from 873°F t o  1 10°F. Table 4.5 sumnarizes 
these exchangers. 
P a r t i a l l y  cooled net product gas i s  w i thdraw from the cor l i ng  
t r a i n  a t  a temperature o f  573OF. This temperature can be cont ro l led  t y  
withdrawing pa r t  of the net product gas upstream of exchanger 92-E-5, 
and the balance downstreern. Thi s gas i s  sent t o  924-4, Trim Methanation 
Reactor. The remaining recycle gas passes through 9 2 4 - 3 ,  Compressor 
Suction Drum, where condensed water i s  separated from the recycle gas. 
The gas i s  compressed i n  92-C-1, Recycle compressor. The horsepower 
requirement i n  t h i s  compressor i s  approximately 21,000 BHP; about 62 
percent o f  t h i s  i s  supplied by 92-EX-1, w i th  the balance supplied by 92- 
M-1 , Assist  Motor. The Assist  Rotor I s  sized t o  supply the f u l l  power 
requirement o f  the compressor i n  case the expander must be removed from 
ac t i ve  service. This w i l l  permit continued operat ion o f  the methanation 
system between scheduled maintenance periods. 
The ne t  product gat, comprising 7,651 mol/hr s t i l l  contains 4.53% 
H2 and 0.51 CO; i t  i s  not su l tab le  for  p ipe l ine  gas. To convert the 
remaining Hz and CO t o  CH4, the gas i s  passed through 92-11-4, Trim 
Methanation Reector. This spherical reactor  i s  f i l l e d  w i t h  215 cubic 
f e e t  o f  methanation catalyst ,  and converts 95.2 percent of the feed CO 
and about 29.5 percent of the feed C02 t o  CHq The e f f l uen t  gas i s  
cooled i n  92-E-7, 159 psla Steam Generator; 92-EA-2, Trim Methanator 
E f f l uen t  A i r  Cooler; and 92-E-8, Trim Cooler from 629°F t o  100°F. A f t e r  
. . . - -, .. .. 
C 
3 
I 
f 
f 
THE BDM CORPORATION "j ( 
Table 4.5 
bfethanatlon Ef f luent  Cool ing T ra ln  I ITEM / EFF. 
NUMBER I . ' ! I u  I FT 
E-1 
I E-3 HP STEAM 130 1 158.6 1 120 1 6,831 I GENERATOR I 
E -2 
' 83 
NP BFW 
PREHEATER 
RECYCLE GAS 
PREHEAT 
EXCHANGER 
AIR COOLER 
HP STEAM 
GENERATOR 
12 
1 E-6 1 TRIM COOLER 
EXPANDER 
FEED PRE- 
HEATER 
EXCHANGER 
175.0 
121 .O 
E-7 
I E-8 ( TRIM COOLER 
313.2 
150 PSIA 
STEAM 
GENERATOR 
EA-2 
192.5 
TRIM METH. 
EFFLUENT 
AIR COOLER 
120 
HTR-1 
4,656 
60 
HP STEAM 
SUPERHEATER 
10,476 
THE BDM CORPORATION 
separat ion o f  the  condensate i n  92-V-5, Compressor Suction Crum, the 
product gas i s  compressed I n  924-2,  Product Gas Cmpressor t o  about 
1050 psia, This i s  a motor-drlven cen t r i f uga l  compressor w l  t h  a power 
requlennent o f  6800 BHP. F ina l l y ,  the product gas i s  cooled t o  100°F, 
dehydrated t o  a maxlmum water content o f  7 I bs  per  MMSCF w i t h  t r l e thy lene  
g l yco l  i n  $2-ME-1, Dehydration Cnit ,  and enters the  p ipe l i ne  a t  1C30 
ps ia  and 100°F. 
The 63.84 MSCFD o f  SNG from each K-T MBG upgrading p lan t  module 
has a higher heat ing value o f  930 BN/SCF, a I l f t l n g  index cf 1.13, a 
f lashback index o f  1.03, a ye l l ow- t l p  Index o f  1.19, and a CO content o f  
257 p p ~ v .  A l l  o f  these are acceptable values except the  1 l f t l n g  index, 
which i s  high. This i s  due t o  the  r e l a t l v e l y  h igh  densi ty  of the gas 
caused by the pressure o f  N p  and C02, wi thout  the  i n s t l g a t i n g  e f fec t  o f  
H2. Although the  study budget d i d  not  penn l t  repeatfng the design 
e f f o r t ,  a minor adjustment t o  the  s h i f t  system operat ing condi t i o n s  
would a l low add i t i ona l  hydrogen t o  leak through i n t o  the SNG, b r ing ing 
the  l l f t i n g  index below I t s  upper l i m i t  o f  1.06. Such a minor ad jus t -  
ment would have a n e g l i g i b l e  Impact on the cos t  o f  t , ie  product SNG. 
Energy and Mater ia l  Balance 
Table 4.1 i s  the  mater ia l  balance fo r  a K-T MBG upgrading p l a n t  
module, wh i le  Table 4.6 i s  the energy balance. The e f f i c iency  of the  
module, expressed as HHV o f  SNG out  d lv ided by HHV of FBG in ,  i s  about 
73.8%. 
Operat l  ng Requl rements 
Table 4.7  shows the operatfng requirements fo r  each system w i t h i n  
the  K-T MBG upgrading p lan t  module. The t o t a l s  are expressed as ne t  
Impacts on the  MBG f a c l l i  ty. 
Equipment L i s t  
The equipment l i s t  f o r  the  K-T MBG upgrading p l a n t  module I s  given 
i n  Appendix A. 
Table 4.6 
6 Energy Balance, 10 BTU Per Hour 
Koppers-Totzek Process, System No. 
Integrated SNGIModul e Def i  n i  ti on 
SIRCAM Coal 
A i r  
Ran Ua t e r  
Sol i d  
Gas 
l i q u i d  
STRLAM SNG 
Ash 
l a i l  Gas 
A i r  Sep'n Vent 
f l ue  Gas 
S u l f u r  
Gas 
Sol i d  
Gas 
Gas 
Gas 
Sol i d  
ELECTRIC POYCR 
SIIAF I W R Y  
HLAl REJCCT lOH 
IiEAl lNPUi (SICAW) 
RAOIAllrX(/FUG171VE LOSS 
e n m c t . :  NEJ _CNIII&PY 9 ~r IILA! AND *K 
TOlAI ABSOCUli VALUE OF HEAT AH0 SHAFT HbRh loo *7.8 
RA5IY: 6g0r. 1 IOlllD UAlEH 
l h i s  balac~ce retrresents one ( I ) Koppers WVSHC. Nodule. 
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4.2 - Texaco MBG Upgradins Podule - Process Cescr ipt ion 
The MBG upgrarfi ng rnodul e corlsl s t s  of: 
e System 23A: CO S h i f t  
e System 4: Acid Gas Rmoval 
a System 200: Methanation. 
Drawing 57-01 I s  a block f low diagram showing the arrangement of 
these systems w i t h i n  the module. Ta t le  4.8 contains the  associated 
mater la l  balance. 
System 20A: CO S h i f t  
3rawing 57-04 i s  a process f low diagram o f  t h i s  system. Table 4.3 
contains the associated mater ia l  balance. The feed gas consists of 
32,818 moles per hour o f  raw gas from System 3, Gas cool in^, a t  lCO°F 
and 690 psia. The conf igura t ion  o f  the  system i s  the same as t h a t  of 
the CO s h i f t  system i n  the K-T MBG upgrading .ant. Table 4.10 summarizes 
the CO S h i f t  E f f l u e n t  Cooling Train. 
If the soot scrubber :n System 3 proved t o  be an e f fec t ive  par t icu-  
l a t e  removal device, and i f  the NH3 scrubber were not  required, saturated 
gas a t  455OF could be fed  d i r e c t l y  t o  the  CO s h i f t  system, r e a l i z i n g  a 
s i g n i f i c a n t  savings i n  steam, since the  gas would contain essen t ia l l y  
a l l  o f  the  water vapor requ i red  fo r  t h e  s h i f t  react ion,  a t  the  steam-to- 
dry gas r a t i o s  used i n  the Texaco deslgn. 
System 4: Acid Gas Removal 
The design o f  tha Acid Gas Removal System i s  fden t i ca l  t o  t h a t  i n  
the K-T MBG upgrading p l a n t  module, except t h a t  the feed gas i s  41,695 
mols/hr instead o f  40,314 moles/hr i n  the K-T case, and the C02 removal 
i s  14,183 moles/hr instead o f  13,470 ~ o l e s / h r .  However, the  descr ip t ion  
f o r  the  K-T MBG upgradt'ng p lan ts '  a c i d  gas removal system w i l l  sep3:t. 
equal ly  we l l  f o r  the  Texaco MBG upgrading plan. 

Table 4.8 
I-lateri a1 Balance 
TEuCO Process 
Integrated SNG/Modul e Def i ni tion 
S T  REAM NUHBEh 
S T S E M  I D  
SYUEOL FORMULA WEIGHT 
S A B M a L C  12.01 fiLfdL 253-637 
HDROGf. 2.06. 17 925 -, PLIC.Y*~L~ 1 I 
5.761 NITROGEN 6 ARGON 
SULFUR g2 32.06 15.449 
CllLORINE C 1 1L113 4 94 
* 
-ngL__- 
CARSON MONOXIDE CO 28-01 - 
CARBON DIOXIDE aI_____U- O1 
- -  
- 
METIINJE 0 - - 
I ETllYLEHE $ T ~ L A - . ~  28.052 - - 
W 
I ETHANE cZtf - PROPYLENE 42.078 
- 
- UI PROPANE $$ 
'Q 44.094 
HYDROGEN SULFIDE 3 4Al6 1 - - 
CARBONYL SULFIDE ($s 60.075 - 
CARBON DISULFIDE CS, 76.13 - 
SULFUR DIOXIDE SO, 64.06 
NITROUS OXIDE NO 30.008 
AJ4MOtiIA HI1 , 17.031 
- 
IIYUROGEN CYANIDE H a  27.026 
IIYVROGEN CHUJRIDE HC1 3 6 . 4 6 1  1 ----- 
NAPHTHA - - --- 
TAR b O I L  - - - - 
ASH - 
- 
59.650 
OTHER S O L I D S  
--
SUBTOTAL, DRY 
-- -- 
1 1 6 u -  - 
HATER H ,O 1 8 . U  
'. 
TOTAL, WET 
GAS MOLECULAR HEIGHT 
TENPERATURe, OF 
PRESSURE, P S I A  
- -- 
SCFH -- - - 
- 
_cV!L--- - --- --+ - -- - 2.290 
Table 4.8 (Continued) 
Material Balance 
TEXACO Process 
Integrated StJG/Module D ~ f i n i t i o n  
S T R E W  NUHBER 
STREAM I D  
SYMBOL FORHULA WEIGHT 
TOTAL . WET 99,419.1 1.921.599 
GAS ~ L E C U L A R  wEIGH1- -------------- ----- 
- - -- -- - 19.33 
TEMPERATURE ,F- . 455 - -- 
- --- - -- 
loo 
!REssrJ!Ec PSL!- --- -- 690 --- --- 
-sc'F'! -- - _- _ _  - 3729,148 -- - - - -- s .  
GPH - - - -- - - - - - -- - - 
- -- -- - - - -  - 
Abl l  - 
A  
OTHEH SOLIDS 
- -- pp -- 
SUBTOTAL, DRY 
WATER 
MU GASrostur 
LB-HOLS LBS 
HR HR 
-- -- H,,o 18.016 6€ ,543.9 1,198,855 - 2 7 
32,875.2 722.744 
ASH FROW'CASIFIER 
LB-MOLS LBS 
HR HR 
SYELI CAS m ~ x p r ~ l s l o n  
LB-MOLS LBS 
HR HR 
59.650 
3.053 
62.703 26,706.1 235.749 
1.5 
STREAM NUMBER 
STREAM I D  
Table 4.8 (Continued) 
Material Balance 
TEXACO Process 
Integrated SNG/Module Definition 
LB-HOLS LB-PlOLS LB-WLS 
":: I HR LBS SYMBOL FORMULA WEIGIIT -- HR I 
OTHER SOLIDS 1 
SUBTOTAL, DRY 
-- 134.423 - . - u u - 7 -  
WATER H -0 50 9 0  1 
L 
TOTAL, WET 
- 3.311 .4  135,324 29 .579 .4  
GAS MOLECULAR WEIGHT 42.1  
TEMPERATURE, OF 
-- 
120 
PRESSURE, P S I A  
-- -- 
2 2  -- 
-SCV _. - -_ --1.fi%266 . - -- ~ n . 8 ~ -  -- - - 
Gk H!  - __ - - - -- -- - - - - - 
Table 4.8 (Continued) 
Materi  a1 Balance 
TEXACO Process 
Integrated SNG/Module D e f i n i t i o n  
TAIL -  GAS FROM ~ U L F W  R E C m R Y  0 1 1 ~ ~  RPOC- 
LP-NOLS LB-BlOLS LB-HOL! LBS 
SYMBOL FORMULA WEIGHT 
- IIR 
CARBON C 1 2 . 0 1  
JYDROGE 2 9 1 6  25.8 52 
u Y G L ; W A  
NITROGEN ARGON N~ 
32.0 
28 .016  1.000 7 28.036 10.787.9 
SULFUR s2 345.212 3 2 . 0 6  
CHLORINE C l  35 a 
CARBON MONOXIDE CO 28 .01  - 
CARBON DIOXIDE C 0 1 1 . 0 1  2.587 113.871 
METHANE 
0 CH: 16 .042  
I ETHYLENE 2 8 . 0 5 2  I - 
W ETHANE :$: 3 U 6 B  1 
I PROPY LENE 
01 PROPANE :$j- - - ui tlYDROGEN SULFIDE &' TR I R  
CARBONXL SULFIDE C ~ S  6 0 . 0 7 5  TR 
- 
CARBON DISULFIDE CS, 7 6 . 1 3  
SULFUR DIOXIDE SO: 6 4 . 0 6  
NITROUS OXIDE NO& 30 .008  
AMMONIA Ntl 1 7 . 0 3 1  
IIYDROGEN CYANIDE BCIS 
- 2 7 , 0 2 6  
HYDROGEN CHLORIDE HCl 36 .461  
.- NAPBTIIA - -- - 
- TAR L O I L  - 
AStl - - 
OTHER SOLIDS a- 
--- 
SUBTOTAL, DRY - A .  
- 3.613.9 141.959 
WATER i1,O 18 .016  167.9 3.025 - I SO 
7 .R53 
TOTAL, WET 
- - 3.781.8 144.984 11,008.1 352.037 63.003 
GAS MOLECULAR WEIGHT 38.3 
TEMPERATURE, OF 
31.98 
- 100 
PRESSURE, P S I A  3M1 
-- 14.4 815 
-SCf !! - --- 
-- - -  - __ pp - 1 9 3 5 . l 9 ; 1 - -  
_pUz.&U--- - Ci'M 
- - - 

Table 4.8 (Continued) 
Katerial Balance 
TEXACO Process 
Integrated SNG/Module Definition 
Materi a! Eal ance 
TEXACO Process 
Integrated SNG/Module Def ini t ion 
S T R E M  NUUBER 
STREAM I D  
SYHBOL FORHULA WEIGHT 
TYDROGEN CHLORIDE HC1 3 6 . 4 6 1  I I 
NAPllTHA - I 
TAR & O I L  - - 
- 
ASH - 
OTHER SOLIDS 
- 
SUBTOTAL, DRY 7,147.7 116.108 7.141.7 116.1W 
WATER H -0 1 8 . 0 1 6  31 . I  560 1.06 19 
TOTAL,-HET 8 116.669 7,148.8 116.128 
GAS MOLECULAR WEIGlfT 16.2 16.2 . 
TEHPERATUIU-: , OF -- 100 60 
PRESSURE. 1;SIA 22 7 l(1l11 1 
- 
SCFH- _- -- - 2125.560 UWQ 
G -  -- --  - . -- .- - - - - - - - 
Table 4.8 (Concluded) 

SULFUR 
CHIDRINE C1 
CARBON HONOXIDE 
U L  
CO -1
CARBONDIOXIDE 
WMllANE 
EX'IIANE ' 
PROPYLWE 
CARBONYL S U I P I D E  & - S 60.015 
CARBON DISULPIDE rs 3c 1 %  
- 
- --
SULFUR DIOXIDBO; ii:ii 
- --NITROUS OXIDE 
- -- 
N 3  30.008 
AMMONIA 
-- -- - 
IlYD-N CYANIDE :&-' 2 9 u  
--- 
-- 
NAPlITllA - 
TAR L O I L - -  
.9R - .-.. 
OTHER SOLIDS 
- 
SUBTOTAL, DRY 
- 
HATER H 0 
- 1B.L116 
W N A I ,  WET 
- 
GAS IY)LECULAR WEIWIT TEIIPERAFURe.07 - 
PRESSURE, P S I A  
--- 
SCPH 1( 106 
- 
- m u  
Table 4.9 
Material Balance 
TEXACO SNG Module 
CO Sh i f t  Unit  
Table 4.9 (Continued) 
Material Balance 
TEXACO SNG Module 
CO S h i f t  U n i t  
STREAM NUUBER 
STREAM I D  
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Table 4.16 
- 
AREA 
F T ~  
1,200 
6,852 
4,873 
(2  She l l s )  
8,072 
11,655 
21,925 
75,000 
( 2  she1 1s) 
1,740 
2,545 
6,000 
( 3  s h e l l s )  
- TEXACg 
U 
6 0 
120 
80 
60 
120 
100 
80 
60 
100 
80 
COOLING TRAIN 
EFF. 
AT 
OF 
238.1 
147.9 
125.7 
134.2 
80.7 
123.1 
10 
117.1 
109.2 
10 
EFFLUENT 
DUTY 
106 BTU/HR 
24.4 
121.6 
49.0 
65.0 
'112.8 
270.0 
160. 0 
12.2 
27.8 
4.8 
I TEN 
NUMBER 
E -1 
E-2 
E-3 
E-4 
E-5 
EA-1 
E-6 
E-7 
EA-2 
CO SHIFT 
- 
NAME 
HP STEAM 
SUPERHEATER 
# I  
HP STEAM 
GENERATOR 
f 1 
HP BFW PRE- 
HEATER 
SHIFT FEED 
PREHEAT 
EXCHANGER 
65 PSIA 
STEAM 
GENEGATOR 
SHIFT EFFLUENT 
COOLER 
SHIFT EFFLUENT 
TRIM COOLER 
COS HYDROLYSIS 
FEED/EFFLUENT 
EXCHANGER 
HYDROLYSIS 
EFFLUENT 
COOLER 
HY DKOLY S I S  
EFFLUENT 
TRIM COOLER 
I 
b 
i 
I THE BDM CORPORATION 
System 208: Methanation 
Drawing 57-03 i s  a process f low diagram o f  the  niethanation system. 
Table 4.11 contains the  associated ma te r ia l  balance. As w i t h  the CO 
s h i f t  system, the process c d n f i g u r a t i ~ n  and desc r ip t i on  are  the same as 
i n  the  K-T MBG upgrading p lan t ;  the Texaco module i s  scmewhat l a rqe r  
because the gas feed t o  the methanation system i s  13.7% greater  than i n  
the K-T case. The product SNG has a h igher  heat ing value of 939.0 
BTU/SCF, 3 l i f t i n g  index of 1.07, a flashback index of 1.038, a yel low- 
t i p  index o f  1.141, and a 60 content of about 5 ppmv. This means t h a t  
t he  SNG product i s  e s s e n t i a l l y  compatible w i t h  na tu ra l  gas. Table 4.12 
summarizes the Clethanation E f f l u e n t  Cooling Train. 
Energy and Ma te r ia l  Balance 
Tables 4.8 and 4.9 are the mater ia l  balance for  a Texaco MBG up- 
grading p l a n t  module, wh i le  Table 4.13 i s  the energy balance. The 
energy balance shows t h a t  the e f f i c i e n c y  o f  the  module, expressed as HHV 
o f  SNG out d i v ided  by H!;V o f  FBG i n ,  i s  about 74.5%. 
Operating Eequi rements 
Table 4.14 shows the operat ing requirements fo r  each system w i t h i n  
the Texaco MBG upgrading p l a n t  module. The t o t a l s  are expressed as ne t  
impacts on the  MBG f a c i l  f t y .  
Equipment L i s t  
The equipment l i s t  f o r  the Texaco MBG upgrading p l a n t  module i s  
g iven i n  Appendix 5 .  
4.3 U t i l i t y  System Impacts 
Koppers-Totzek MBG Upgradinq Kodule 
Design No. 1 consis ts  o f  two K-T MBG upgrading p l a n t  modules, 
serv ing an MBG f a c i l i t y  cons is t ing  of f o u r  p a r a i l e l  K-T MBG modules. 
Drawlng 57-07 i s  a diagram of System 15, Steam Generat ion/Dist r i  but ion,  


Table 4.11 (Continued) 
Raterial Balance 
TEYACO SNG Module 
Methanation U n i t  
ASH 5a- ---- I I I - I -1 OTHER S.'3LTDS 4 
-- 
SUBTOTAL. DRY 0 5 
-- 
133.587.0 
WATER H -0 1LflM 9 2 . 6  353,6 - 222.6--.- 
,. 133.809.6 2.141.450 , 7.775.1 125.117 133.809.6 2.141.450 !mThl, WET 
GAS WLECULAR UEICIIT 16.M 
-
TEHPEIV.TURE, "P 2-O0 I 10d --- \ 
. . --- 
P R F S S U R E . P S I A ~  I 282 I I LII 
SCPH X 109 50.78 I 2.95 50.78 
I I 
Table 4.1 1 (Contl nued) 
Mater la l  Balance 
TEXACO SNG Module 
Methanation Unit 
STREAM NUMBER 
STREAH I D  
r 12.01 - 
14.2 -- 
371.9 
SULFUR 32.06 
@ 
CARBON MONOXIDE - CO 20- TP 
CARBON DIOXIDE CO, LLnl 
I 
ETIIY I.ENE 
ETHANE ' I - 
PROPYLENE 
PROPANE 1 1 
HYDROGEN suwme 
CARBONYL SULPIDE ~6 S 60.075 
CARBON DISULPIDE CS 16.13 
SULPUR DIOXIDE SO: 64.06 
NfTROUS OXIDE NOL 39.808 
- 
AMONIA NH 
IIYDROGEN CYANIDE HC 
IIYDROGEN CHLORIDE HCI 36.461 
NAPWIIA - 
TAR b O I L  - - 
ASH - 
OTHER SOLIDS 
SUBTOTAL. DRY 1 
WATER H ,O 18.016 6.412.8 459.4 
TOTAL, WET 6,412.6 110.658 7,651.1 127.023 
GAS HOI.ECUIAl WE ICIIT 
TEMPERATURE. P 100 
PRESSURE, PSIh  210 629 
SCPH X I* 2.W 
G P I  
THE BDM CORPCRATION 
STREAH NUMBER 
Table 4.11 (Continued) 
Material Balance 
TEXACO SNG Nodule 
Methanation Unit  
t i -mu LBS 
SYMBOL FORl4UU UElGW I HR 
CARBOH C 1 2 - 0 1  
lHPBPEEbL_____U, 2.016 - 
32-0  
NITROGEN & AR 28 .016  
SULFUR 
--- 32.06 
CHLORINE L A 5 3  
CARBON WOHDXIDE CO 2&01 
METHANE 
ETllYLENE 
EWANE ' 
?ROPY LENE 4- 
PROPANE 
60 .075  - 
CARBON DISULFIDE 
-8 DIOXIDE 
NITROUS OXIDE NO 
AWWONIA 
I 
IIYDROGEN C H L O R I E  llCl 36.461 1 
NAPHTIIA - 
>-3R L O I L  - 
-
ASH - 
OlllER SOLIDS --- 
SUBTOTAL, DRY 
WATER H,O 18.016 19.1 
TOTAL, Uirr 19.1 X I  
GAS UOl.ECULkH ZIGHT 
TEUPERRTURE,"F 1MI 
PRESSURB, PSIA 2M 
- 
SCPH I 
LB-ROLS LBS 
HR HR 
I 
C 
i 
THE BDM CORPORATION 
I Table 4.12 
- 
AREA 
FT 2 
3,135 
2,315 
8,970 
4,220 
7,885 
5,790 
21,880 
( 3  She l l )  
24,200 
375,000 
1,683 
3,375 
1,802 
4,583 
- Texaco 
U 
6 0 
120 
60 
6 0 
120 
80 
60 
100 
80 
120 
80 
100 
80 
Cool ing T ra in  
EFF. 
AT 
" F 
246.8 
31 3 
230 , 
197 
153 
201 
100.3 
109 
30 
9 9 
36 
130 
3 0 
Methanation E f f l uen t  
DUTY 
106 BTU/HR 
46.4 
87.0 
123.9 
ITEM 
NUMBER 
E- 1 
E-2 
E- 3 
NAME 
HP STEAM 
SUPERHEATER 
# 2  
HP STEAM 
GENERATOR 
#2 
EXPANDER FEED 
E-4 
GAS PREHEAT 1 
EXCHANGER 
RECYCLE GAS 
PREHEAT 
E-5 
I ifCHANGER 
HP STEAM 
GENERATOR 
rt3 
E-6 HP EFW 
PREHEA'TER 
E-7 RECYCLE GAS 
PREHEAT 
EXCHANGER 
#2 A,B,C 
EA- 1 ?,IR COOLER 
E-8 RECYCLE TRIM 
COOLER 
E-9 150 P S I A  
STEAM 
GENERATOR 
EA- 2 TRIY METHANA- 
TOR EFFLUENT 
A I R  COOLER 
E-10 TRIM COOLER 
50.0 
144.9 
93.3 
395 .O 
265.0 
100 
20 
2.6 
23.4 
11 . O  
- rur - 
- - - - - - -- --.- ---- -.----- ------- - - 
THE BDM CORPORATION 
I 
i 
i THE BDM CORPORATION 
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f o r  the f a c i l i t y ,  showing the impacts a t t r i b u t a b l e  t o  the b!BG upgrading 
p lant .  Table 4.15 sumar izes the  Impacts on the o ther  systems i n  the 
MBG f a c i l i t y .  
Koppers-TotzekITexsco KBG Upgrad1 ng Yodule 
Deslgn No. 2 consists  o f  one K-T MBG upgrading p lan t  module, plus 
one Texaco YBG upgrading p l a n t  module, serving an MBG f a c i l  i t y  cons is t ing  
o f  one K-T and three Texaco MBG modules. Drawing 57-08 i s  a diagram o f  
system 15, Steam Generat lon/Dfstr lbut lon f o r  the f a c i l i t y ,  showing the 
impacts a t t r i b u t a b l e  t o  the MBG upgrading ~ l a n t .  Table 4.16 summarizes 
the i rpac ts  on the other systems i n  the MBG f a c i l i t y .  


Table 4.16 
Texaco-St% U t i  1 i ty S m ~ a r y  

THE BDM CORPORATION 
EQUIPMENT L I S T  
UOPPERS-TOTZEK 
UNIT: CO SHIFT SNG-MODULES REV. 1 DATE: 10/6/80 
THE 6DM CORPORATION 
EQUIPMENT L 1 ST 
KOPPERS-TO'IZEK 
~ T V P E  - 
DES PRESS: 
DESCRIDTION 
AREA 1 2 0 0  
TYPE - F I X E D  T'JBE SHEET 
DES PRESS: 
TUBE - 6 5 0  P S I A  
SHELL - 6 5 0  PS!A 
90-EX-2  
9 0 - E - 9  
SHELL - 
MATERIAL - 
AREA = 
I TEM 
NUHBER 
9 0 - E - 8  
TYPE - 
DES PRESS: 
TUBE - 
SHELL - 
MATERIAL - 
AREA = 
TYPE - 
SERVICE 
~ Y D R O L Y S I S  EFF LUENT 
T R I M  COOLER 
QUANT I TV 
HVOROLYSIS EFFLUENT 
COOLER 
HYOROLVSIS FEEO/EFFLUENT 
EXCHAttGER 
L' &S -- " .- - a m -  - m ~ l * - - - ~ L -  
SPARE 
0 
OPERATION 
0 
- 
0 1 
' 
MATERIAL - C S i T f  
AREA = 2 0 2 0  FT' 
TYPE - J I R  COOLER 
DES PRESS: 
TUBE - 65C 3514 
TUUE L E l i T H  - 2 0 '  
MATERIAL - CS - 
AREA * 43:'5 FTL 
TYPE - U-lY18E 
DES PRESS: 
TUBE - 1 5 0  P S I A  
SHELL - 6 5 0  P S I A  
MATERIAL - CS/ADMIRALfY 
AREA = 
THE BDbA CORPORATION 
LGUIPMENT L I S T  
KOPPERS-TOTZEK -- 
SNG-~DULES 
UNIT : METHANATION REV. 1 DATE: 10 /6 /80   
COMPRESSORS 
t TEN QUANTITY SERVICE DESCRIPTION NUMBER SPARE OPERATION 
g 0 - f x - I  METHANATION FEE0 GAS 0 1 GAS HORSEPOUER - 1 3.1 1 8  EXPANDER TYPE - CENTRIFUGAL MATERIAL * 5 CR ;TEEL 
i AP - 3 0 8  PS I  I 
I 
90-M- 1 RECYCLE COMPRESSOR 0 I 1 BRAKE H p  - 7887 
ASSIST MOTOR DRIVER I TYPE - ELECTRIC mlTOR 
METHANAT ION RECYCLE 0 1 GAS HORSEPOUER - 21,905 9 0 4 - 1  
COMPRESSOR TYPF - CENTRIFUGAL MATERIAL - 5 CR STEEL 
A P  - 6 0  P S I  
I 
98-M-2 RECYCLE COMPRESSOR W T O ~  I) 
DRIVER (START-UP) TYPE - ELECTRIC MOTOR 
METHANE PRODUCT GAS HORSEPOWER * 6 8 0 0  90-C-2 
COMPRESSOR TYPE - CENTRIFUGAL MATERIAL - CAST STEEL 
A P  * 8 0 0  PS I  
90-ST-1 t- PROOUCT COMPRESSOR STEAT BRAKE Hp - 6800  TURBINE DRIVER TYPE - CONDENSING TUR- BINE I I i I I MATERIAL - 1 5 0 0  PSI I 
THE BDM CORPORATION 
EQUIPMENT L I S T  
KOPPERS-TCTZEK 
- SNG-~ODUL~S 
UNIT: CO SHIFT REV. 1 OAT E . 10 /6 /80  
1 
I TEH SERVICE DESCRIPTION 
NMBER SPARE 9PERATION 
90-RX-1 CO SHIFT REACTOR 0 DIAMfTER 1 8 ' - 0 "  HEIGHT 1 8 ' - 0 "  -  
TYPE - VERTICAL 
MATERIAL - 304  SS CLAD 
DESIGN PRESS 750  PSIA I 
DIAMETER 6 ' 4 "  
HEIGHT 6 ' - 6 "  
TYPE - VERTICAL 
W T E R I A L  - 3 0 4  SS CLAD 
T.i?E - HORIZONTAL 
DESIGN PRESS = 6 5 0  PSIA 
90-1-2  HY OROLY Zf R EFFLUENT 0 1 DlAHETtR ' 2 ' - 6 "  
CONDENSATE KNOCK-OUT HEIGHT = 6 ' - 9 "  
DRUM TYPE - HORIZONTAL 
MATERIAL - CS 
DESIGN PRESS 6 9 0  PSIA 
DIAMETER 
HEIGHT = 
TYPE - 
MATERIAL - 1 DESIGN PRESS = 
- 
DIAMETER = 
HEIGHT - 
TYPE - 
MATERIAL - I DESIGI! PRESS = 
DIAMETER I HEIGHT = 
HEIGHT * I TYPE - 
MATERIAL - 
DESIGN PRESS 
THE BDM CORPORATION 
EQUIPMENT L I S T  
KOPPERS-TOTZEk 
SNG-MODULES 
UNIT: HETHANAT ION REV. 1 DATE : 10 /6 /80  
t 
VESSELS 
I DiAWETER 1 0 ' - 8 "  
HEIGHT 2 6 ' - 8 "  
TYPE - VERTICAL 
MATERIAL - 304 SS CLAD 
DESIGti  PRESS 325  PSIA 
ITEM 
NUMBER 
92-RX-1 
SERVICE QUANTITY SPARE I 3PERATION DESCRIPTION 
TYPE - VERTICAL 
MATERIAL - 304 SS CLAD 
DESIGN PRESS 35C PSIA 1 
r 
ZINC OXIDE GUARD BED 
92-RX-2 
0 1 DIAblETER 7 -8" 
HEIGHT 7 ' - 8 "  
TYPE - VERTICAL 
MATERIAL - 304  SS CLAD 
1 
I I I DESIGN PRESS = 3 5 0  PSIA I 
METHANATION REACTOR 
92-V-1 RECYCLE COMPRESSOR 0 
SUCT 1 ON DRUM 
92-V-2 METHANE COMPRESSOR 0 
SUCTION DRUM 
0 
I N 1  ERSTAGE KNOCK-OUT 
I 
1 DIAMETER 21  -6" 
HEIGHT 2 1 ' - 6 "  
-- - 
DIAMETER . 1 6 ' - z U  
HEIGHT 40'-811 
TYPE - HORIZONTAL 
MATERIAL - CS 
DESIGN PRESS 3 5 0  PSIA 
DIAMETER = 4 ' -0" 
HEIGHT . 1 0 ' - 0 "  
TYPE - HORIZONTAL I-MATERIAL DESIGN PRESS - CS = 3 5 0  PSIA 
DIAMETER = 2 1 - 6 "  
HEIGHT = 6 1 - 3 "  
TYPE - HORIZONTAL 
MATERIAL - CS 
DESIGN PRESS * 750 PSSA 
DIAMETER 
HEIGHT = 
TYPE - 
MATERIAL - 
DESIGN PRESS 
DIAMETER = 7 
HEIGHT = 
TYPE - I 
MATERIAL - 
DESIGN PRESS 
- -- --,----" ----" wTmw 
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EQVIPMENT L I S T  
KOFrERS-TOTZEK 
-SNG-MODULES 
UNIT : MET HANATlON REV. 1 M T E :  1 0 / 6 / 8 0  
TUBE - 7 0 0  PS IA  I SHELL -350 PS IA  
EXCHANGERS 
QES-PRESS : 
TUBE - 7 5 0  PS IA  
SHELL - 3 5 0  PS IA  
OESCRI PTION 
a 
AREA 8 10,480 Ff' 
TYPE - FIXED TUBE 'HEET 
OES PRESS: 
92 -E -  1 
9 2 - E - 4  
I TEH 
NUMBER 
92-E-  2 
I I 1 1 I TUBE - 7 5 0  PSSA 
EFFLUENT EXCHANGER 1 
SERVICE 
METHANATOR FEED/ 
QUANTITY 
HP STEAM GENERATOR 
t!P BFU PREHEAT EXCHANGER 
92 -E -  3 
SPARE 
J 
OPERATION 
1 
0 
0 
565  PS IA  STEAM 
GENERATOR 
92-E-5  
A-D 
92-EA-1 
1 
0 
RECYCLEIEFFLUENT 
EXCHANGER 
92-E-6  
A,B .C 
W T E A I A L  - WY 
AREA = 4 6 6 0  F T  
TYPE - KETTLE REBOILER 
OES PRESS: 
T 'BE - 7 5 0  PS IA  
SHELL - 3 5 0  PSIA 
MATERIAL - WLY[MOLY 
AREA * 3 9 7 5  FTL 
T Y P E -  U-TUBE 
EFFLUENT A I R  COOLER 
92-E-7  
1 
0 
EFFLUENT TRIM COOLER 
-..
MATERIAL - CS/N&Y 
AREA 6 8 3 0  i~' 
TYPE - KETTLE REBOILER 
OES PRESS: 
0 
LP PSIA STEAM GENEPATOR 
4 
0 
SHELL - 3 5 0  PS IA  
MATERIAL - CS/CS 
_- 
AREA 32,680 F'TL 
TYPE OES PRESS: - F xEo TUBE SHEET 
1 ( 1 5  BAYS) 
0 
TUBE - 350 PS IA  
SHELL - 350 PS IA  
MATERIAL - r c l r c  
Mu 15,550 FT' 
OES!GN PRESS * 350  
MATERIAL - CS 
3 
- 
AREA 11,250 FTL 
TYPE - U-TUBE 
OES PRESS: 
1 
TUBE - 1 5 0  Pf I A  
SHELL - 300 PS IA  
M m  - r- v1 
AREA = 8 0 0  nC 
TYPE - KETTLE REBOILER 
DES PRFSS: 
TUBE - 3 5 0  PS IA  
SHELL - 2 0 0  PSIA 
W T E R I A L  - r < / r c  
THE BDM CORPORATION 
EOu1Pwb:IT L I S T  
MPPERS-TOTZEK SNC-~~IO~IL~S 
UNIT: MffWtuArflR REV. 1 DATE : 10/8/80 
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EOUI PMENT L I S T  
TEXACO 
SNG-HOOULES 
UNIT: CO SHIFT REV. I DATE: 10/6/1 
r 
EXCHANGERS 
1 
ITEM QUANTITY SERVICE I NUMBER SPARE OPERATIOY*' OESCRIPTION 
9 0 4 - 8  HYOROYLSIS EFFLUENT TRIM 0 AREA = 2000  FT' 
COOLER TYPE - U-TUBE OES PRESS: 
HYDROLYSIS EFFLUENT 
COOLER 
W E L L  - 6 5 0  PSIA 
MATERIAL - C S / w  
AREA = 2545 n 
1 TYPE - A I R  COOLER 
(2  BAYS) DES PRESS: 
TUBE - 650 PSIA 
N E E  LENGTH - 2 0 '  
MATERlAL - CS 
AREA = 
OES-PRESS : 
TUBE - 
SHELL - 
TYPE - 
DES PRESS: 
TGBE - 
SHELL - 
MATERIAL - 
AREA - 
TYPE - 
OES PRES,: 
TUBE - 
SHELL - 
MATERIAL - , 
AREA 8 
TYPI 
DES 
TUBE - 
SHELL - 
MATERIAL - 
AREA = 
TYPl 
E - 
PRESS : 
DES PRESS: I TUBE - 
SHELL - 
MATERIAL - 
AREA a 
TYPE - 
DES PRESS: 
THE BDM CORPORATION 
SNG~WOULES 
UNIT: CO SHIFT REV. 1 DATE: 10/6/80 
r I 
DESCRI PTION 
DIAMETER 18'-0" 
HEIGM'I' ie*-al* 
TYPE - VERTICAL 
MATERIAL - 304 SS CLAD 
DESIGN PRESS 
90-Rx-2 
- 
go-V-2 HYDROLYSIS CONDENSATE 1 1 ° 1 1 1  TYPE - HORIZONTAL I DIAMETER 2'-6" KNOCK-OUT DRUM HEIGHT 6' -9" 
I TEH 
NUMBER 
90-RX-1 
90-V-1 
MATERIAL - CS I DESIGN PRESS 690 PIIA I 
SERVICE 
CO SHIFT REACTOR 
QUANTITY 
COS HYOROLYSIS REACTOR 
DIAMETER = 
IHEIWT = 
SPARE 
0 
SHIFT CONDENSATE 
KNOCK-OUT ORUM 
TYPE - 
MATERIAL - 
OESIGN PRESS = 
OPERATION 
1 
0 
DIAMETER = 
HEIGHT 
TYPE - 
MATERIAL - 
OESIGN PRESS 
DIAMETER 
HEIGHT 
TYPE - 
t'ATERIAL - 
DESIGN PRESS 
0 
DIAMETER = 
HEIGHT = 
1 
I TYPE - MATERIAL - OESIGN PRESS a 
DIAMETER 6' -6" 
HEIGHT 6'-6" 
TYPE - VERTICAL 
MATERIAL - 304 SS CLAn 
DESIGN PaEss 
1 
DIAMETER rn 7'-3" 
HEIGHT = 18'-9" 
TYPE - HORIZONTAL 
MATERIAL - CS 
DESIGN PRESS = 650 1 PSIA 
I 
THE BDM CORPORATION 
EQUIPMENT L I S T  
TEXACO 
SNG-MODULES 
UNIT: METHANATION REV. 1 DATE: 10 /6 /80  
r 
TUBE - 700 I SHELL -150 
EXCHANGERS 
DESCRIPTION 
AREA 3135 nL 
TYPE - FIXED TUBE SHEET 
DES PRESS: 
9 2 4 - 2  
ITEM 
NUMBER 
92-E-1 
92-E-3 
A,B 
SERVICE 
HP S T W  SUPERHEATER 
QllANTI TY 
HP STW GENERATOR 
--- 
'32-E-5 
TUBE - 350 I SHELL - r m  
SPARE 
0 
EXPANDER FEED W PREHEAT 
EXCHANGER 
t 92-E- 4 
92-EA-1 EFFLUENT AIR COOLER AREA = 24.200 FT 
OPERATION 
1 
n 
HP STEAM GENERATOR 
TERIAL - 
TYPE - KETTLE REBOILER 
DES PRESS: 
TUBE - 750 
SHELL - 350  
0 
RECYCLE/= PREHEAT 
EXCHANGER 
MATERIAL - MOLYIMOLY 
AREA rn 8970  FT' 
TYPE - FIXED TUBE SHEET 
DES PRESS: 
TUBE - 650 
0 
t 92-E-6 
SHELL - 350  
0 
0 
1 
BFW PREHfATER EXCHANGER 
.-. 
SHELL - 3 5 0  
MATERIAL - CSIMOLY 
AREA 7885 F T ~  
TYPE - KETTLE REBOILEP 
DES PRESS: i 
2 
3 
TUBE - 750 
SHELL - 350  
MATERIAL - CS/CS 
AREA 4220 F T ~  
TYPE - FIXED TUBE SHEET 
DES PRESS: 
0 
TURE - 750 
SIIELL - 300 
MATERIAL - r q /Cq  
AREA = 21,880 FT' 
TYPE - FIXED TUBE SHEET 
DES PRESS: 
1 AREA 5790 F T ~  
TYPE - FIXED TUBE SHEET 
OES PRESS: 
THE BDM CORPORATION 
EQUIPMENT LIST 
TEXACO 
SNG-WDULES 
DESCRIPTION 
A K A  ' 1800 F T ~  
DESIGN PRESS - 350 
MATERIAL - CS 
AREA ' 4580 F T ~  
TYPE - 
OES PRESY lTUBE 
TUBE - 1 5 0  
SHELL -350 
MATERIAL - CS/ADMIRALTY 
AREA ' 1413 FT' 
TYPE - U-TUBE 
OES PRESS: 
TUBE - 
SHELL - 
MATERIAL - CS/ADMIRALTY 
AREA . 1953 FT' 
TYPE - U-TUBE 
OES PRESS: 
TUBE - 
SHELL - 
MATERIAL - CS/AOMIRALTY 
PART OF COMPRESSOR COST 
- 
AREA 41,700 FT' 
TYPE - U-TUBE 
DES PRESS: 
TUBE - 350 PSIA 
SHELL - 1 5 0  PSIA 
MATERIAL - CS/!OMIRALITY 
AREA = 2020  FT' 
TYPE - FIXED TUBE 2HEET 
DES PRESC: 
TUBE - 350 PSIA 
SHELL - 200  PSIA 
M W A L  -CS/CS 
AREA = 
TYPE - 
DES PRESS: 
TUBE - 
SHELL - 
MATERIAL - 
ITEM 
NUMBER 
92-En-2 
92-E-10 
92-E-11 
92-E-12 
92-E-11 
92-E-B 
92-E-9 
EXCHANGERS 
SERVICE 
TRIM METHANAlOR AIR 
COOLER 
TRIM METHANATOR TRIM 
COOLER 
METHANE COMPRESSOR 
INTERCOOLER 
METHANE PRODUCT COOLER 
STEAM TURBINE SURFACE 
CONOENSOR 
RECYCLE TRIM COOLER 
150  PSIA STEAM GENERATOR 
QUANTITY 
SPARE 
0 
0 
0 
0 
0 
OPERATION 
1 
1 
1 
1 
1 
0 
0 
1 
EQUIPMENT L I S T  
TEXACO 
SNG-MODULES 
J 
0 1 BRAKE Hp - 4 4 0 0  
TYPE - ELECTRIC MOTOR 
METHANATION RECYCLE 0 1 92-C-1 
COMPRESSOR TYPE - CENTRIFUGAL MATERIAL - 5 CR STEEL 
AP - 6 0  P S I  
I I 
92-M-1 ' RECYCLE COMPRESSOR MOTOR 0 1 BRAKE Hp  - 18.000 
DRIVER TYPE - ELECTRIC MOTOR 
I I 
METHANE PRODUCT I GAS HORSEPOWER ' 6 8 0 0  9 2 4 - 2  
COMPRESSOR I TYPE - CENTRIFUGAL MATERIAL - CAST STEEL bp = 8 0 0  PS I  
92-51-1 PRODUCT COMPRESSOR S T E N  BRAKE Hp - 7000 
TURBINE DRIVER TYPE - CONDENSING TUR- BINE 
MATERIAL - 1 5 0 0  PS I  
THE BDM CORPORATION 
EQUIPMENT L I S T  
TEXACO 
- 
ITEM 
NUMBER 
- 
92-RX-1 
VESSELS 
-~umr I I T 
SERVICE DESCRIPTION SPARE -OPERATION 
ZINC OXIDE GUARD BED 1 1 DIAMETER = 1 0 '  -8"  HEIGHT ' 2 6 ' - 8 "  
TYPE - VERTICAL 
MATERIAL - 304  SS CLAD 
DESIGN PRESS 325 PSIA 
92-RX-2 
REACTOR 
METHANAT ION REACTOR 
92 -V -1  
0 
92-V-2 
0 
RECYCLE COMPRESSOR 
SUCTION KNOCK-OUT 
DRUM 
92-V-3 
TYPE - 
MATERIAL - 
DESIGN PRESS " 
1 
METHANE COMPRESSOR 
SUCTION KNOCK-OUT 
DRUM 
92-V-4 
1 
DIAMETER ' 7 ' - 8 "  
HEIGHT * 7 ' - 8 "  
TYPE - VERTICAL 
MATERIAL - 304  SS CLAD 
DESIGN PRESS = 350  PSIA 
0 
METHANE COMPRESSOR 
INTERSTAGE KNOCK-OUT 
DRUM 
4 
DIAMETER 21  ' -6"  
HEIGHT 21 ' - 6 "  
TYPE - VERTICAL 
MATERIAL - 304 SS CLAD 
DESIGN PRESS 350  PSIA 
0 
METHANE COMPRESSOR AFTER 
COOLER 
1 
0 
DIAMETER ' 1 6 '  -3" 
HEIGHT ' 4 0 ' - 8 "  
TYPE - HORIZONTAL 
MATERIAL - CS 
DESIGN PRESS ' 350 PSIA 
1 
0 
I 
DIAMETER = 4 '  -0" 
HEIGHT = 1 0 ' - 0 "  
TYPE - HORIZONTAL 
MATERIAL - CS 
DESIGN PRESS = 350  PSIA 
1 DIAMETER 2 ' - 6 "  
HEIGHT = 6 ' - 3 "  
TYPE - HORIZONTAL 
MATERIAL - CS 
DESIGN PRESS * 7 5 0  P51A 
1 DIAMETER ' 2 '  -6"  
HEIGHT = 6 ' - 3 "  
TYPE - HORIZONTAL 
MATERIAL - CS 
DESIGN PRESS a 11  0 0  PSIA 
DIAMETER = 
HEIGHT = 
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